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"La verite scientifique sera toujours plus belle que
les creations de notre imagination et que
les illusions de notre ignorance."
Claude Bernard

"I never think of the future it comes soon enough."
Albert Einstein
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Sommaire
Face au prix du petrole qui ne cesse d'augmenter, ainsi qu'a l'appauvrissement des reserves
et face a une prise de conscience de la dangerosite des gaz a effet de serre, le defi du temps
moderne est d'utiliser d'autres alternatives pour l'energie tels que les biocarburaiits. Ces
derniers vont contribuer a proteger notre environnement du fait qu'ils peuvent reduire jusqu'a
75% les gaz a effet de serre. Le pas critique pour la production des biocarburants tels que
l'ethanol (obtenu a partir des dechets agricole-biomasse) reste le cout qui demeure eleve lors
de la production de la cellulase par le biais des champignons (Trichoderma reesei) afin de
transformer la cellulose en sucres simples (monosaccarides), qui leur servent de nourriture.
Le but des ingenieurs, chercheurs et industriels est d'obtenir plus de biomasse pour le meme
cout.
Plusieurs recherches ont ete effectuees pour atteindre ce but en regardant les differents
parametres qui peuvent mener a une production optimale : les types de champignons, les
conditions de production (temperature-pH-DO...). Jusqu'a maintenant, aucune recherche
n'a iiiclu a la fois l'aspect hydrodynamique et cinetique pour connaitre l'effet du cisaillement
et le transfert de masse sur la morphologie des microorganismes qui influence la rheologie
du milieu et la production de la cellulase.
L'objectif de cette these est le developpement et l'implementation des modeles mathematiques pour predire la croissance des microorganismes, la consommation de la cellulose et
la production de la cellulase. Afin d'atteindre ces objectifs, nous avons utilise un reacteur airlift developpe par Ahamed et Vermette pour appuyer le developpement d'un modele
tnathematique perniettant d'exprimer l'liydrodynamique en incluant la cinetique. Ce travail
passe en premier par des etapes qui consistaient a decrire les phenomenes multiphasiques

turbulents incluant l'agitation et le comportement de fragmentation et de coalescence des
bulles d'air puis le couplage cinetique-hydrodynamique avec une comparaison avec des resultats experimentaux. L'implementation des modeles est faite dans un package open source
(OpenFOAM). Ce dernier est un ensemble de librairies (codes) matliematiques concues pour
decrire des phenomenes physiques et chimiques. Contrairement a d'autres logiciels commerciaux, OpenFOAM est totalement gratuit et surtout donne acces aux codes sources existants.
Neanmoins, la plupart des modeles deja developpes et implementes ne sont pas valides et
necessitent d'autres techniques ou logiciels pour la validation.
Mots cles: Bilan de Population, Coalescence. Fragmentation, Dynamique des Fluides,
CFD, Cellulose, Cellulase, Lactose, Biomasse, Fermentation, Transfert de Masse, Cinetique,
Trichoderrna rr.esei, Volume a bulles, Airlift, OpenFOAM.
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Abstract
Fossil fuel is an important energy source, but is unavoidably running out. Since the cellulosic
material is the most abundant source of organic matter, the ethanol, which is produced from
cellulosic waste materials, is gaining more and more attention. These materials are cheap,
renewable and their availability makes them superior compared to other raw materials.
The cellulose must be hydrolyzed to glucose before it can be fermented to ethanol. The
enzymatic hydrolysis of cellulose using cellulase enzymes is the most widely used method.
The production cost of cellulase enzymes is the major cost in ethanol manufacture. To
optimize the cost of ethanol production, enzyme stability needs to be improved through
maintaining the activity of the enzymes and by optimizing the production of the cellulase.
The aim of researchers, engineers and industrials is to get more biomass for the same cost.
The filamentous fungus Trichoderma reesei has a long history in the production of the
cellulase enzymes. This production can be influenced strongly by varying the growth media
and culture conditions (pH, temperature, DO, agitation,...).
At present, it is my opinion that no modelling study has included both the hydrodynamic
and kinetic aspects to investigate the effect of shear and mass transfer on' the morphology
of microorganisms that influence the rheology of the broth and production of cellulase.
This thesis presents the development of a mathematical model for cellulase production and
the growth of biomass in an airlift bioreactor. The kinetic model is coupled with the methodology of two-phase flow using mathematical models based on the bubble break-up and coalescence to predict mass transfer rate, which is one of the critical factor in the fermentation.

VI

A comparison between the results obtained by the developed model and the experimental
data is given and discussed. The design proposed for the airlift geometry by Ahamed and
Vermette enables us to get a high mass transfer and production rate. The results are very
promising with respect to the potential of such a model for industrial use as a prediction
tool, and even for design.
Key Words: Population Balance Equation, Coalescence, Break-up, Mass Transfer, Computational Fluid Dynamics, CFD, Cellulose, Cellulase, Lactose, Biomass, Fermentation, Interracial Area, Mass Transfer, Kinetics, Trichoderm.a reesei, Airlift, OpenFOAM.
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Chapter 1

Introduction
" Le commencement est beaucoup plus que la moitie de I'objectif.

"

Aristote

In modern times, the commercial use of fermentation has been rapidly growing, particularly
due to the need for pharmaceutical products, to providing new products, lowering costs
and improving the microbial processes in food industry, and for another alternative fuels as
ethanol which could help to reduce carbon dioxide emissions and decrease oil imports.
Ethanol'can be produced from biomass by the hydrolysis and sugar fermentation processes.
The biomass wastes contain a complex mixture of carbohydrate polymers from the plant
cell walls known as cellulose, hemicellulose and lignin. In order to produce sugars from the
biomass, the biomass is pre-treated with acids or enzymes to reduce the size of the feedstock
and to open up the plant structure. The cellulose and the hemicellulose portions are broken down (hydrolysed) by enzymes or diluted acids into sucrose t h a t is then fermented into
ethanol. The lignin which is also present in the biomass is normally used as a fuel for the
ethanol production. There are three principal methods of extracting sugars from biomass.
These are concentrated acid hydrolysis, diluted acid hydrolysis and enzymatic hydrolysis. In-
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stead of using acid to hydrolyze the biomass into sucrose, we can use enzymes (system that
hydrolyses lignocelluloses) to break down the biomass in a similar way. The production of
this enzyme called cellulase requires a microorganism that can secrete it for the hydrolysis of
ccllulosic substrates. The cellulase contains three major highly specific enzymes namely the
endo-glucanases, the exo-glucanases and O-glucosidases. These enzymes are non constitutive
and are produced by many microorganisms such as bacteria, actinomycete and fungi. The
cellulase-systeins of fungal origin are the most abundant and widely studied. Filamentous
fungi Trichoderma reesei are widely employed in the production of cellulase for its capacity
to secrete large amounts of cellulolytic enzymes. The production cost of cellulase enzymes is
the major cost in ethanol manufacture. To optimize the cost of ethanol production, enzyme
stability needs to be improved through maintaining the activity of the enzymes and by optimizing the production of the cellulase.
The production of cellulase enzymes in large quantities requires understanding and proper
controlling of the growth and enzyme production capabilities of T. reesei. This is an extremely complicated system; many factors influence the organism ability to grow and produce enzymes. Developping mathematical models that can accurately represent the biomass
growth and cellulase production with nutritive consumption in highly nonuniform flow fields
becomes a real challenge. The Computational Fluid Dynamics (CFD) technique has the
potential to study systems where experiments are difficult or impossible to perform. For example, shear stress distribution or local mass transfer rates which are important parameters
influencing the morphology and the production as shown in the literature can be predicted
using CFD, provided that the reactor geometry and operating conditions are accurately described. If one aims to optimize the production of cellulase it becomes necessary to develop a
solid model to fully analyze the physiological and morphological state of the microorganism
T. ressei under bioreactor conditions.
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1.1

Thesis objectives

Gas-liquid reactors in the form of bubble columns, stirred tank and airlift reactors are today
often used for fermentation. For economical as well as safety and environmental reasons, it
has become increasingly more important to develop good models for scaling up and design
of such reactors.
As fungal fermentation consists in a complex multiphase medium which contains several
strongly coupled processes, the first step from the point of view of a chemical engineer is
the choice of a theoretical model for the fluid flow, turbulence and mass transfer between
phases. The second step is the kinetic model which can represent the fermentation. This
model is based on the well-known Monod equation for biomass specific growth rate.
The modeling of the dynamic interaction of different phenomena and their coupling with the
multiphase, turbulence and fluid flow with biological kinetics for cellulase production from
Trichoderma reesei is the main objective of this thesis.

1.2

Outline of the thesis

This thesis is presented in the form of original published journal papers and submitted for
publication journals papers. It includes seven chapters, which are presented as follows:
The first chapter contains the introduction, objectives and thesis outline.

The second chapter presents the literature review carried out to model the cellulase
production using two fluid methodology, population balance model and mass transfer.

The third chapter is centred on the fundamental aspects of the hydrodynamics of
gas-liquid flows in a rectangular bubble column, as it represents the framework that is
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used later.

The effect of the interface forces as drag, lift and virtual mass on the fluid

dynamics and time-averaged properties of both phases are studied and discussed. A new
turbulence model is proposed where the standard k — e model of turbulence is modified to
include the effect of the dispersed phase. A full integration of source terms accounting for
both the effect of the gas-liquid interface and the dispersed phase on the turbulence and
the hydrodynamic of multiphase flow was made. The comparison between the numerical
results with the experimental data available in the scientific literature is also presented in
this chapter. My contribution in this work is about 50%.

The fourth chapter gives a brief review of previously published model for interfacial
closure force in the literature of two-phase flows. A comparison between two types of closure
model is studied. The coalescence and break-up in gas-liquid dispersion are represented
using the class method (CM) of population balance equation (PBE) and coupled with two
fluid methodology to better predict the mass transfer since this parameter is one of the
most important which influences the morphology. The comparison is made between the
single bubble diameter model and CM method with different number of classes with the
experimental data available in the scientific literature. The coupled models validated in this
chapter are useful tools that could be used to design bioreactors. My contribution in this
work is about 85%.

The fifth chapter presents a validation of new design for the airlift reactor which was
proposed by Ahamed and Vermette.

This validation is based on CFD techniques on

investigation of the different factors influencing cellulase production such as mass transfer
and shear stress.

However, the initial design was not appropriate to produce a hight

quantities of cellulase, because of the hight shear stress and low mass transfer. Indeed,
several studies have shown a strong relationship between morphology and agitation which

o

is very important to ensure the availability of nutrients, oxygen and, on the other hand,
generate a high shear forces on the cells thus either rupturing them. However, distributions
of shear stresses and mass transfer rates are the important variables studied here.

The

model used in this chapter is the same presented in the chapter four with implementation
of the MRF model for prediction the flow field induced by agitation when the impeller
is used.

Other mechanisms for the coalescence are added in the PBE model which

were neglected in the first proposed PBE model in chapter four and take into account different rise velocities for bubbles of different sizes. My contribution in this work is about 80%.

The sixth chapter presents the proposed kinetic model for biological reaction coupled
with the flow models presented in the previous chapter. The kinetic model is based on
Monod model for cellulase production and biomass growth. The validation of these models
by means of experimental data is also presented.

Finally, the seventh chapter outlines the general conclusion of this research and some
recommendations for future work to close this thesis.

All these models are implemented in the open source package OpenFOAM. The modeling
is three-dimensional, turbulent and transitional regime.
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Chapter 2

Literature review
Tric.hoderma reesei is a filamentous fungus which is one of the most efficient cellulase producer. Industrial strains of Trichoderma reesei can achieve protein production levels of up
to 100 g/l [4]. The efficient secretory ability and the cheap and easy cultures of T. reesei
make it a useful organism for the large-scale production of enzymes for a variety of industrial
applications. T. reesei Rut C-30 is widely studied [3,11| for it's capability to more efficiently
produce cellulase than the wild-type T. reesei. The cellulase is an enzyme secreted by this
microorganism for the hydrolysis of cellulosic substrates [7]. The production cost of cellulase
enzymes is the major cost in the industry manufacture using this enzyme as ethanol manufacture [16]. Fungal fermentations are complex organisms and many factors can influence
its morphology [12]. These factors include the type and concentration of carbon substrates,
levels of nitrogen and phosphate, trace minerals, dissolved oxygen, pH and temperature.
Physical factors affecting morphology include fermentor geometry, agitation systems, rheology and the culture modes. Figure 2.1 presents the complex interactions between fungus
morphology, enzyme productivity and process conditions in fermentations of filamentous
microorganisms [9]. The basic structure of growth consists of a tubular filament known as
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Figure 2.1: Complex interactions between morphology, productivity and process conditions
in submerged fermentations of filamentous microorganisms [1,9].
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hypha that originates from the germination of a single reproductive spore. As the hypha
continues to grow, it branches repeatedly to form a mass of hyphal filaments referred to as
mycelium. When grown in submerged culture, these fungi exhibit different morphological
forms, ranging from dispersed mycelial filaments to densely interwoven mycelial masses referred to as pellets. The morphology affects fermentation processes by causing an apparent
viscosity change of the broth. This may change the number of active tips of the mycelia. The
variation in the number of active tips may cause a significant difference in final productivity [14]. When the fungal morphology is better controlled, the productivity can be increased
as filamentous mycelia is related to the protein secretion [2,13]. It is a very difficult task
to deduce unequivocal general relationships between process variables, product formation
and fungal morphology since too many parameters influence these interrelationships and the
role of many of them is still not fully understood but still, well-known is the fact that the
morphology is affected by the mass transfer conditions and that it has an influence on the
rheological properties of the system [15]. The change in morphology during growth affects
nutrient consumption and oxygen uptake rate in the submerged culture [17|. On the other
hand, the morphological growth forms can have a significant effect on the rheology of the
fermentation broth and thus the performance of the bioreactor. Filamentous growth results
in highly viscous broths with non-Newtonian, pseudoplastic flow behavior [8]. The high
viscosity has a negative impact on the mass transfer properties of the broth, especially the
gas-liquid mass transfer rate. Gas-liquid interfacial surface area and bubble residence time
are the limiting steps of oxygen delivery to the microorganisms. An increase in- interfacial
surface may be better achieved by increasing mixing. When an impeller is used for mechanical agitation a shear stress can influence the growth of microorganisms and also the cellulase
production. The organisms used for cellulase production (T. reesei, Aspergillus ...) must not
be subjected to high agitation rates. They have a filamentous structure called a mycelium,
a highly branched system of tubes containing many nuclei and cytoplasm. Researchers [19]

9

investigated the transport of oxygen to the center of mycelial pellets of Aspergillus nidulans
and found that the mycelium results in a substantial mass-transfer resistance. The morphological changes arising from agitation can ultimately cause significant change in the product
formation. With increasing agitation, long unbranchcd hyphae (the long, thin filaments of
cells within the mycelium) tend to be replaced by shorter and thicker hyphae [10]. The
concentration of dissolved oxygen in a suspension of oxygen-consuming microorganisms generally depends on the rate of oxygen transfer from the gas phase to the liquid, on the rate
at which oxygen is transported to the site of utilization, and on the rate of its consumption
by the microorganism. During a fermentation, the transfer of oxygen from an air bubble to
the cell can be represented by a number of steps as shown in Figure 2.2 [6]. The oxygen is
transferred from a rising gas bubble into a liquid phase and ultimately to the site of oxygen
reaction in a cell particle. The study of oxygen transfer from air bubbles, through the liquid
medium to microbial cells is of great importance. Even when the mode of fermentation is
batch, oxygen must be continuously supplied to the process until that the desired productivity is achieved. In a bioreactor, the transport of oxygen from gas phase to liquid phase
is controlled by the so-called overall mass-transfer coefficient, ki,. To determine the total
oxygen transfer rate in a fermenter, the total surface area available for mass transfer, a, has
to be known. Separate determination of ki and a is difficult to evaluate and sometimes impossible experimentally. The combined term of fc/,a is usually reported as the mass-transfer
coefficient rather than just ki [6]. The volumetric mass transfer coefficient, kia, increases
when the impeller speed is increased. Further increase in impeller speed causes a significant
decrease in growth [18], due to inefficient oxygen transfer under high turbulence conditions;
a four-fold increase in k^a was observed when the impeller speed was increased. As it is well
known, the agitation can increase the mass transfer rates, but at the same time results in
high shear forces on the cells thus either rupturing them or changing the morphology, growth
and productivity of the culture.
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Some investigators studied the isolated effects of dissolved oxygen and mechanical forces on
fungal morphology [5]. The increase of the specific energy dissipation rate enhanced both
the mechanical forces on the cells and the mass transfer. To study the mechanisms of how
mechanical forces and dissolved oxygen tension affect fungal morphology, it is necessary
to distinguish the effect of dissolved oxygen and the effect of the mechanical force. It is
found that the pellet size, the hairy length, the pellet density, the pellet porosity and the
free'filamentous mycelial fraction in the total biomass varied only with the specific energy
dissipation rate. The authors concluded that the fraction of free filamentous mycelia is a
function of the agitation intensity and less dependent and even not dependent on the level
of dissolved oxygen in the bulk [5].
Van Suijdam and Metz [20| studied the effects of agitation on filamentous mycelia. They
also observed that under conditions of low agitation intensity, the mycelia were long with few
branches and when the mycelia were grown under conditions of high agitation, short, highly
branched, thick hyphae, forming small compact units were seen. The degree of compactness
increased as the agitation intensity increased. The influence of agitation on growth rate is
complicated by its other effects on mixing and oxygen transfer. The isolated study of shear
on growth rate and biomass production is difficult because of effects on oxygen transfer and
mixing by agitation. We concluded that the effect of agitation on productivity is marked
by the presence of an optimal agitation speed, where the productivity is maximum. On
one hand, the optimal speed creates a balance between the constructive effects (increased
mixing and mass transfer) and destructive effects (fragmentation and shear damage result
by increased mixing).
The model developped in the present thesis could be used to predict this optimal agitation
speed, or at least to narrow the target for searching for such a speed.
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3.1

Abstract

Bubble columns are widely used in a variety of modern chemical industry applications (gasliquid reactions, gas-liquid extraction, polymerization). In the following work, the fundamental aspects of the hydrodynamics of gas-liquid flows in a rectangular bubble column
are studied using an Eulerian-Eulerian approach. The model is established in a full three
dimensional, unsteady state form and the solution method is based on a new open-source
CFD package using a tensor-based formulation applied OpenFOAM. The effect of the drag,
lift and virtual mass on the fluid dynamics and time-averaged properties of both phases are
studied and discussed. A new turbulence model is proposed where the standard k — e model
of turbulence is modified to include the elfect of the dispersed phase. The resulting model is
solved numerically using the open-source CFD package OpenFOAM. The additional terms
account for both the effect of the gas-liquid interface and the dispersed phase on the turbulence and the hydrodynamic of multiphase flow. The numerical results are compared with
the experimental data available in the scientific literature, and they show good agreement.

3.2

Introduction

Bubble columns have a very important role in the modern chemical industry for a wide variety of applications including gas-liquid reaction, polymerization, oxidation, hydrogenation,
halogenation, fermentation, airlift reactors and, in general, heat and mass transfer operations. In all these applications, the final product quality depends sensibly on the quality of
the dispersed flow. Modeling and simulation of such processes are difficult because of the
complex interactions between several phenomena (nucleation, particle growth,, bubble coalescence and breakage) at different scales'(macro, micro and nanomixing). Rapid progress
in the computer capabilities as well as the availability of well-established commercial CFD
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codes, has resulted recently in an increase in the literature dealing with the modeling of
these complex coupled flows. Some authors consider t h a t the gas phase exists as a dispersed
bubble in a continuous liquid phase and uses the model to determine bubble columns design
criteria [30|. The complex flow pattern in bubble columns has inhibited the development of
design procedures from first principles. Therefore, during the last few years, there has been
a sustained effort to understand the flow fields in bubble columns. Attempts have also been
made to understand the relationship between the flow pattern and the design parameters
such as pressure drop, fractional gas hold-up, liquid-gas mixing, heat and mass transfer coefficients at the gas-liquid interface and the column wall.
Generally, the formal mathematical modeling of bubble columns uses two multiphase approaches.

In the first, the bubble and liquid phases are considered as continuous phases,

the phases occupying each a fraction of the volume, thus introducing the concept of volume fraction. This technique, where a set of Eulerian conservation equations is written for
each phase is named the Eulerian-Eulerian method. T h e second method considers only the
liquid phase as continuous and the bubble's movements in the liquid are described through
a set of Lagrangian trajectory equations. This is the Eulerian-Lagrangian method. In the
present study the first method is used, since it is well known t h a t it' is better suited for
high volume fractions of bubbles encountered locally in the bubble columns. The bubbles
and liquid phases are related through interaction forces t h a t are described as drag, lift and
virtual mass forces.

These interphase forces are formulated, in the mathematical model,

as source terms in the momentum conservation equations. The formulation of these terms
is relatively straightforward but their inclusion in the numerical algorithm often results in
significant difficulties in convergence and stability.

Many authors have introduced these

terms in the modeling of bubble columns [5,7,10,50] but among of them neglected the lift
force [13,14,33,45]. However, it has been shown t h a t the lift force has a significant effect
on the flow and void fraction fields of the columns [5,37,38]. A few authors used empirical
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formulations of the lift force coefficient, Ci, but mostly it has been assumed a constant value,
from 0 to 0.5. Recent studies on bubble columns have been aimed at a better understanding and a more appropriate formulation of the interphase forces [7,10,35,48,55,62]. The
present work uses the Tomiyama correlation for the lift force, and is validated by comparison
with the measurements data of [8,9,44]. The other interphase forces, the drag and virtual
mass contributions, have been studied in depth by [3,15,19]. In the present work, the drag
coefficient is determined using the Tomiyama correlation |58|, which is only a function of
the Eotvos number. Virtual mass can be conceptually represented as the change in kinetic
energy due to the acceleration of the bubbles. Sato and Sekoguchi [52] introduced the notion
of 'Bubble Induced Turbulence', a concept which is indispensable to develop an accurate turbulence model in a gas-liquid two-phase bubbly flow. This concept is defined as correction
term added to the effective viscosity of liquid and is propotional to the bubble diameter and
volume fraction of the dispersed phase.
In most of the current literature available today on bubble column mathematical modeling,
the dispersed phase is represented with a single bubble diameter, even though it is clear
that the diameter of the bubbles have an important effect on the interphase area and thus
on the transfer coefficients [3,13,14,33,34]. As turbulence is present in most applications
of bubble columns, two-phase turbulence modeling has to be considered. The well-known,
semi-empirical conservation equations known as the k — e model is widely used, although
it is clearly not applicable directly and must be modified significantly to take into account
two-phase coupling. Many attempts have been made in the literature to adapt the k — e
model to chemical process or biotechnological processing in bubble columns. Some authors
include the influence of the dispersed phase on turbulence [20,59,G0|, while often ignoring
some effects as the gas-liquid interface and the turbulence induced by the presence of the
bubbles [4.21,38,39]. The present work aims at the validation of the proposed turbulence
model and addresses only the case of a single bubble size modelling. Work is underway by
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the authors to include population balance modelling with the present turbulence model [3].
A study of the current state-of-the-art in the scientific literature on bubble column modeling
reveals that largely, the models do not consider the influence of the dispersed phase and the
influence of the gas-liquid interface on turbulence. In the present work, we review many of
the different formulations of these terms available in the literature, and proceed to a full
integration of the validated terms in the standard k — e model, using the available published
experimental data. The numerical solution of the mathematical model is made using the
open source OpenFOAM (Field Operation And Manipulation) library. OpenFOAM uses
advanced numerical methods and formal programming that can be used to represent the
mathematical models very close to the natural formulation.

3.3

Basic physical equations

In this work, the Eulerian-Eulerian approach is used, in which each fluid phase is considered
as a continuum, which can interpenetrate with the other phases. In this approach, averaging
methods are used, starting with the continuity and Navier-Stokes equations to formulate
the multiphase momentum and mass conservation equations. Since the flow is turbulent the
basic framework of the two-equation k — e model is used.

3.3.1

Continuity equation

- ( a f c ) + V-(a fc U fc ) = 0

(3.1)

Where a^ is the volume fraction of a phase k, pk the density of phase k and Ufe is the
velocity. The subscript "k" denote the dispersed phase if (k=d) and the continuous phase
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(k=c). In the Eulerian frame, the following relation must be respected:

5 > f c = 1.0

(3.2)

k

3.3.2

Momentum equation
— (QfcPfcUfc) + V • (a/tpfeUfcUfc) + V • (afcpfcRfc) = -akVp + akpkg + Mfe

(3.3)

Where Rk represent the Reynolds stress tensor obtained, by invoking the Boussinesq hypothesis. For the continuous phase Rc are calculated as follows:
R c = - i # V U c + V • U^ - | ( V • Uc)/) + |fel

(3.4)

vlc is the turbulent viscosity of the continuous phase, which is obtained from the two-equation
k — e model proposed below. Mfc is the inter-phase momentum exchange term. Conservation
of global momentum dictates that total momentum transferred between the continuous and
the dispersed phases is zero, i.e., ^2k Mfc = 0. The averaged inter-phase momentum transfer
term M,j for the dispersed phase is defined using Equation (3.5).

3.3.3

Interfacial momentum exchange equations

In the present work, the drag and the lift forces developed by [58] are used to determine
the interfacial momentum exchange. In the Eulerian-Eulerian approach used here, and at
high volume fraction (>10%) we consider the dispersed phase as a continuous phase using
the same momentum and continuity equations applied for the continuous phase. Hence,
the instantaneous inter-phase momentum exchange is determined by assembling the forces
acting on the dispersed bubbles. The main contributions are drag, lift and virtual mass
forces. In this section, the exchange terms M^ are written as components of these different
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contributions:
M d = M D + M, + M„m

(3.5)

Where M p , Mj and M „ m are respectively the drag, lift and virtual mass. In the case of
two-fluid calculation the following terms are used:
MD = adCD-^\Ur\Ur

(3.6)

M; = adCiPcUr x (V x U c )

M , m = acCvmpc I ——

(3.7)

—— 1

(3.6)

Dk
Where Ur = U^ — Uc is the relative velocity. -— denotes the substantive derivative which
is defined as:

The coefficients CD, CI and Cvm are largely determined empirically and depend upon the
properties of the dispersed phase (spherical, rigid, etc.). In the present work, for the drag
coefficient CD the particle drag model of Tomiyama is chosen, which gives good results for
large bubble and is defined as follow:
D

8
Eo(l-E2)
1
3
3 EV Eo + 1 6 ( 1 -E*)E\F{EY

(

'

Where Eo is the Eotvcis number defined as:
Eo=9-^-

(3.11)
a

Here, g and a are respectively the gravity and surface tension.
E =

1 + 0.163Eo°™
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(3 I2)

'

and

Eod = J^

(3.13)

and

= ^v^-Wi^g

(3 H)

1 — £/

Also, following [58] correlation, the lift coefficient (C/) was calculated as:
jmin[0.288tanh(0.l21Re)J{Eod)}
\/(£od)

if Eod < 4
if 4 < E o d < 1 0 . 7

where
/ ( £ o d ) = 0.105{Eod)3 - 0.0159(£orf)2 - 0.0204Eod + 0.474

(3.16)

Based on previously published work by [3,9, 10], the drag model and the lift coefficient
correlation developed by Tomiyama. et al. |58| are adopted in this work. For" the virtual
mass coefficient Cvm a value of 0.5 for bubbly flow is used throughout the present work, as
is commonly used throughout the literature [30].

3.4

Turbulence modelling

In order to model the turbulence in the bubble columns treated in the present work, the
contribution of few authors in particular are used in the following. Authors [50, 511 have
extended the work of [28] for two phases based on the Boussinesq hypothesis where the
Reynolds stress tensor is proportional to the strain tensor using the eddy viscosity concept

where
i/' = C^/e
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(3.17)

The present study extends the models of [50, 51] published in the literature and combines
them to take into account both the effect of the interface and the dispersed phase effects.
The proposed model is solved and validated through a comparison with the measurements
of |9,44| available in the literature. T h e following resulting transport equations of turbulence,
still based on an extension of the standard k — e model incorporates the effect of the interfaces
and the dispersed phase on the turbulence:
d
veM
— {ack) + V • (acUck) = V • ( a c ^ ^ V / c ) + arG - ace + ajlf1 + ajtf8
dt
crk

(3.18)

^-(ace) + V • ( a c U c e ) = V • ( a c ^ — V e ) + acUcxG - C2e) + acU[nt + acUfs
at
<JC
k

(3.19)

where IT™* and II" l i include the effect of the interfaces on the turbulence [50].
According to [5|, the II™* term is formulated as:
nST* = j^~radFD [ < V"c.V"d >d -2k + Ujrift.Ur]

(3.20)

where the II™' is modelled according to [17]:
Tjint

llc

=

/-<
C £ 3 U j-rint

(3.21)

- ^ fc

The Tlfls and IT*S terms include the effect of the dispersed phase on the turbulence [51]:
udis

Adv1 Vad

_ 2kadAd{Ct - 1)

k

Pc

Peer

u

ac

(3.22)

and
udis

2CieadAd{Ct - 1)

(3.23)

where G stands for the production of turbulent kinetic energy aiid is defined as:
G = 2veJf(vUc-dev{VXJc + {VVc)T))
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(3.24)

Where dev represent the deviatory component.defined as:
devT = T-\{tr(T))

(3.25)

o

T is a second rank tensor and tr is the trace of this tensor.
Here, the drag multiplier term Ad, which depends on the intcr-phase momentum transfer,
is defined in Table 3.1. In this model, the presence of dispersed phase is accounted for
by additional source terms, which are related to that of the continuous phase through a
turbulence response coefficient, Ct, (see [511) in which the correlation proposed by |59| is
adopted:

Where: & = — ^ ; Ret = - ^ ; L e = C^
;. U c = J— ;
HcRet
vc
e
V 3
Here vd and vc denotes respectively the kinematic viscosity of dispersed and continuous
phase. Ret is the Reynolds number based on the eddy length scale Le. However, the effective
viscosity of the continuous phase is calculated from Vc

= vc + i>* + uBIT where v* is given

by the Eqn. (3.17) and vBIT is the bubble-induced turbulence viscosity defined as follow:
uBIT = CBIT{l-ad)d\\Vr\\

(3.27)

Where CBIT is a constant set to 0.6 [34]. Ur is the relative velocity corrected with the drift
velocity as mentioned in the present work.
The values of C^, C\, C2, 0k and ae are unchanged from the originally derived for single-phase
flow and they are summarized in Table 3.2.
To correct the relative velocity as suggested by Mudde and Simonin [50], we take into account
the effect of the drift velocity based on the work of Ishii and Zuber [22]:
Ujri/t = (1 - aj) 1 " 75 .
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(3.28)

Table 3.1: Multiplier term used in the two-equation model of turbulence
Weller et al. |60|
Multiplier term. Cowman et al. |20|
Ad

„,

<*4%CDVA

„,

i ( f

adO.Ciyjd

C

D,Hf>.-

dd

,

f Co.r.Pd

+U

dc

}

|u.,|

Table 3.2: Coefficients used in the different k—e models. NC: not considered, T.C: Tomiyama
correlation
Constants

3.4.1

c,

C\

c2

c3

&k

O-,-;

ct

c.

Fluent (6.3)

0.09

1.44

1.92

1.2

1.0

1.3

NC

0.5

NC

NC

O.FOAM

0.09

1.44

1.92

NC

1.0

1.3

NC

0.5

0.5

NC

This work

0.09

1.44

1.92

1.2

1.0

1.3

ct

0.5

T.C

0.6

Ci

QBIT

Investigation of different turbulence m o d e l s

In order to test arid validate the new combination of models, we define in Table 3.3 three
closures A, B and C in which the turbulent transport equations are modeled using the
open-source CFD package OpenFOAM.

3.4.2

Computational domaine

In the present work, the numerical solutions were carried out using a rectangular bubble
column (0.2 m width x 1.2 in height x 0.05 rn depth). This geometry is the same as that
used by [44]. As in the experiments of [7], the solution of the model equations is carried out
using an air sparger and the water as continuous phase. The bubble column is filled at two
different water levels (H/W = 2.25 and H/W = 4.5), and the gas (air in present study) is
injected from the bottom for two different superficial gas velocities 0.14 cm/s and 0.73 cm/s
(see Table 3.4). When the sparger, through which gas is introduced in the bubble column,
is modeled as a single inlet of (18 mm x 6 mm).
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Table 3.3: Different closures used in bubble column modeling.
considered, BIT: bubble induced turbulence
Closure A ( |5()|)
Closure B ( [511)

Closure C (this work)

CQ Schiller-Naumann

CQ Schiller-Naumann

Co Tomiyarna correlation

CI =0.5-

C'i Tomiyarna correlation

Ci Tomiyarna correlation

Cvm = 0.5

Cvm = 0.5

s

nf NC
nf s NC
nf c
nj.nt c

nf •* c
nf»c
II™* NC

BIT NC

3.4.3

NC: not considered, C:

C

— 05
s

nf c
nfs c
nf'• c

n™< NC

Umt

BIT NC

B1T C

c

Boundary conditions

The initial conditions are stated in Table 3.4.
As is customary in the literature of turbulence modeling [61], the turbulent kinetic energy k
and the dissipation rate e are initialized using the following equations:
k=

2

(U<M"7)

(3.29)

and

c,y4-

fc3/2

^ 0.07d,t

(3.30)

where / and dh are respectively the turbulent intensity (set to 0.05) and the hydraulic
diameter.
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Table 3.4: Numerical initial conditions input. N. (Neuman) and D. (Dirichlet)
Parameters

inlet

outlet

wall

Gas volume fraction a

1

1

N. condition

Gas velocity (rn/s)

0.1296/0.6959

N. condition

D. condition

Liquid velocity (m/s)

0

N. condition

D. condition

0

atmospheric

D. condition

calculated (see Eqn. 3.29)

N. condition

N. condition

Dissipation e (ni /s )

calculated (see Eqn. 3.30)

N. condition

N. condition

Bubble size at inlet, (m)

0.005

-

-

Pressure (Pa)
2

2

Kinetic energy k (m, /s )
2

3.4.4

3

Wall functions condition

In the present work, the standard wall functions based on the proposal of |29| are used. They
have been most widely used for industrial flows.
The law-of-the-wall for mean velocity yields
U* = - ln(Ey*)

(3.31)

where
*
y

oM

Kp yp

=

——-—

(3.32)

and K is the von Karman's constant (= 0.4187, default value in OpenFOAM), E is an
empirical constant (= 9 in the present work). In OpenFOAM, the log-law Eqn. (3.31) is
employed when y* > 11.6.
In the k — e model, the k equation is solved in the whole domain including the wall-adjacent
cells. The boundary condition for k imposed at the wall is
(3.33)

on
where n is the local coordinate normal to the wall.

The production of kinetic energy, G, and its dissipation rate, e, at the wall-adjacent cells,
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which are the source terms in the k equation, are computed on the basis of the local equilibrium hypothesis. Under this assumption, the production of k and its dissipation rate e are
assumed to be equal in the wall-adjacent control volume.
Thus, the production of k is computed from
G

= ^

/

V

/

'

(3.30

and e is computed from

r3/4,3/2

ep =

b U ^

(3.35)

KyP

Here yp, U p , kp denotes respectively the distance from point P to the wall, the mean velocity
at the point P, and the kinetic energy at the point P.
The standard wall functions described so far are provided as a default option in OpenFOAM.
The standard wall functions work reasonably well for a broad range of wall-bounded flows.

3.5

Numerical solution
A brief description of the principles of the open-source package Open-FOAM (Field

Operation And Manipulation) is outlined. OpenFOAM is a CFD package written in C + +
which uses classes and templates to manipulate and operate scalar, vector, tensor fields [60].
One of the goal of the developers of this package has been from the beginning to make the
top-level syntax of the code as close as possible to conventional mathematical notation for
tensors and partial differential equations. Object-orientation techniques enabled the creation
of data types, and the operator overloading possible in C + + has allowed the language used
in the package to be as close as possible to mathematical symbolism.
The finite volume formulation method used to discretize the equations of the model is based
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Table 3.5^ Two-phase numerical solution procedure
1. So ve the re- equations.
2. C alcub te in tor facial forces M d r n f f >

Muj t and M „ m .

3. Construct and solve the momentum tequations.
1. PISO-I jOOp.
5. C irrect the convective derivatives terms.
6 Solve A: -- e equations (if required).

on the Weller approach [60]. This approach has proved very stable in both transient and
steady state modes. The solution algorithm PISO is used to solve pressure-velocity coupling
which requires a momentum predictor and a correction loop in which the pressure equation is solved and the momentum corrected based on the pressure change. The solution
procedure can be summarized in the table 3.5. Several numerical convection differencing
schemes are available in OpenFOAM, including upwind, central difference, QUICK and flux
limiters schemes. In this work, the limited linear differencing scheme (limitedLinearV) [27]
is used It is a bounded high-order scheme that takes into account the direction of the flow
field. For the first time derivative, the choice is the Euler implicit first order. The set
of discretised equations were solved by the algebraic multi-grid (AMG) solver for pressure
and the incomplete-Cholesky preconditioned bi conjugate gradient (BICCG) solver for the
rest of the variables. The PBE (Population Balance Equations) is not used in the present
work. The current study focuses on the development and validation of the modified k — e
model of turbulence. The new solver of turbulence was implemented in OpenFOAM called
(2PhaseEulerFoamtb)- Thus, the new solver was developed adapting an existing two-phase
flow solver (twoPhaseEulerFoam) which contains the standard model of turbulence and neglecting some source terms. The reader is encouraged to read [26,51].
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3.6
3.6.1

Results and discussion
Grid d e p e n d e n c e

To study the influence of mesh resolution on the predicted results, three different grid have
been generated: coarse ( 1 6 x 9 6 x 4 cells), medium (29x171x10 cells) and fine (40x240x10
cells) as shown in Figure 3.1.

Two different inlet gas velocity (0.14 cm/s and 0.73 cm/s)

are used in this work. For a qualitative comparison, one inlet gas velocity is chosen for two
different liquid levels (H/W = 2.25 and H/W = 4.5).
The Figures (3.2-3.5) show t h a t the captured phenomena, using our model, on the medium
and fine grid are not captured with the coarse one.

It should be noted t h a t the numeri-

cal diffusion in coarse grid simulation suppresses the effect of many of the physical model
(for example, the lift and virtual mass, the turbulence dispersion of gas bubbles). However,
modelling with grid refinement, the numerical diffusion is significantly reduced, although
not eliminated, and the effects of physical models mentioned above become evident.

The

similar results are published by [8,45]. They discussed the effects of the grid dependence
on the flow properties (gas hold-up and liquid velocity profiles) and they reported that the
agreement of predicted results with the measurements d a t a deteriorates with the decrease of
the grid size. However, computational demands increase significantly with grid refinement.
It was observed by [7] using the same geometry t h a t average numbers of plume oscillation
cycles are necessary to obtain significantly statistical averages. For coarse and medium grid,
simulations were carried out for at least 10-15 cycles for calculating average plume oscillation period |7|. Computational resources required to simulate such large number of cycles
with fine grid becomes too excessive. Hence, for fine grid simulations are carried out only
for 2-3 cycles.

The comparison of predicted time-averaged vertical liquid velocity profiles

obtained using our model on the three different grid resolutions with LDA measurements
of |45| at a liquid height of 37 cm and with the predicted vertical liquid veloc.it by [7| using
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his medium grid is shown in Figure 3.6. The agreement between predicted and experimental
results appears to be reasonable. The asymmetry in experimental and predicted profiles of
vertical liquid velocity is possibly because of the insufficient time averaging. The difference
between the results are not quantitatively significant. It should be noted that for fine grid,
averaging is carried out over only two cycles as reported by [7]. For a more appropriate
comparison, the averaging needs to be carried out for several cycles. Since, simulations with
fine grid require significantly high computational resources, such a rigorous comparison is
not included in present work. In case H/W = 4.5 and U ^ s = 0.14 cm/s, Figure 3.7 shows
that volume fraction profiles are in agreement when using medium grid but not with the fine
grid. We think that The results given by the fine grid catched for another cycle which explain the shifted time-averaged gas hold-up when compared to the experimental data. This
point view of author's can be confirmed by the results obtained when the superficial velocity
increases to U^>s = 0.73 cm/s. The Figures (3.8, 3.9) show that the predicted gas hold-up
with Ud,s — 0.73 cm/s for two levels of the liquide. The obtained results using the three grid
mesh and the predicted results given by |9| are on good agreement with the experiments.
So, When increasing superficial gas velocity, the numbre of cycle decrease as reported by [9].
Since, simulations with fine grid require signifficantly high computational resources, medium
grid represent a good compromise between reasonable computational effort and nedded precision. The medium mesh grid is chosen in the present study to validate turbulence modelling.

3.6.2

Flow results visualization: model versus experimental

Now, after that the medium mesh grid was adopted in the present work, we attempt to
validate the extended k — e model presented in this paper. The aim of this work is to
propose and validate a turbulence model for bubbly flow, using the open-source CFD
platform OpenFOAM to solve the constitutive equations.

The results are compared to

the experimental data and previously published predicted results obtained by [7,10]. This
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comparison is made taking into account the interaction forces "Drag", "Lift" and "Virtual
Mass". The bubble diameter is set to a fixed value in this work 5 mm, as in [7,10]. The
authors are well aware t h a t the size distribution of bubbles could play an important role in
the turbulence modelling. In previously published work by the authors |3|, the population
balance modelling has been addressed in bubble columns, but is not considered in the
present work which is directed specifically at the problem of two-phase turbulence and
interphase forces.
For the case of HL = 0.45 m, the comparison of measured by [8,9,44] and the current model
predict time-averaged vertical liquid velocity and gas hold-up profiles is shown in Figures
3.10 and 3.11 for a superficial gas velocity of 0.14 cm/s.
The Fig. 3.10 shows t h a t the closure A gives also better result but when we see the gas
hold-up profiles (Fig.

3.11) in the same conditions (H/W — 2.25 and Ud,a = 0.14 cm)

we observe that the gas hold-up is in the central part by 50%.

W i t h the closure A we

used a fixed value for lift coefficient (C; = 0.5) which influence much gas hold-up t h a t the
liquid velocity profiles. This fixed value of C/ is corrected in the closure C using Tomiyama
correlation. With this correlation the obtained value of C; is approximately 0.288.
To make an adequate comparison between the modelling and the experimental results [9],
the figure 3.11 shows a comparison of the measured time-averaged gas hold-up.

The

computed results show that the closure C is in good agreement with the measurements
(black dot). This can be confirmed by the Figure 3.10 which represent T h e vertical liquid
velocity.

When the uperficial gas velocity increase (0.73 cm/s) T h e closure C still better

t h a n closure A and closure B, as can be shown in Figure 3.12.

Calculations are also performed with and without the virtual mass force term. It is observed
t h a t the time-averaged properties (vertical liquid velocity and gas hold-up) are not sensitive
to the virtual mass (see Fig.

3.13, 3.14 and 3.15).
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By definition, the virtual mass force

can be understood by considering the change in kinetic energy of fluid surrounding an
accelerating bubble. The effect of virtual mass force is much larger for a bubble in liquid
than for a drop in gas due to the higher liquid density surrounding the bubble. The virtual
.mass coefficient is often set to. 0.5 for rigid, spherical particles in the literature |36|.

To understand how the lift force affects the hydrodynamic of the multiphase flows, the
influence of the lift coefficient C; on the hydrodynamic of gas bubbles is studied. The Eqn.
(3.7) is a conventional lift force interpretation based on the relative velocity, liquid velocity
gradient and lift coefficient. When a bubble is rising in an infinite medium, the pressure
distribution is symmetric and there is no net force in the radial direction. However, when a
bubble is rising near the wall, the velocity gradient due to the presence of the wall will increase
the pressure at the wall side and generates a net transverse force acting on the bubble [49].
We examine here the lift force using three closures: The Tommiaya correlation (closure 1),
the classical value of 0.5 (closure 2) and without lift force (closure 3). The estimated value
using Tommiyama correlation is about 0.288 for a bubble size of 5 mm (compared to the
commonly used value of 0.5 found in the literature; for example, see [16,30]). Based on
the previous works [8], we investigate the effect of the lift force using the different closures
cited above. In the case of H/WL = 2.25 (low liquid level), the Figures 3.16 and 3.17 show
that closure 1 appears to give better results in comparison with the other closures. As the
lift force depends on the velocity gradients in the liquid phase the effect of the lift force
becomes evident in the case of H/W = 4.5 (high liquid level) for two different superficial gas
velocity at 0.14 cm/s and 0.73 cm/s as is shown in the Figures 3.18 and 3.19. The results
obtained with the [58] correlation are in good agreement with the measurements of [9] and
the estimated value of the lift coefficient is about 0.288 for small bubble size.
Based on the work of [50], the drift velocity accounts for the dispersion of bubbles due to
transport by turbulent fluid motion. The drift velocity scales the fluid viscous force against

34

the surface tension force. Due to correlation between the distribution of bubbles and the
turbulent fluid motion (see [50]), Udrift represents the dispersion of the bubbles due to
transport by fluid turbulence. This is an important effect since the mass balance does not
contain a diffusive term that would be responsible for the dispersion of bubbles. Figures
(3.20, 3.21, 3.22 and 3.23) show the results obtained with the developed model in this study
with different correlations from the literature, compared to experimental results.

3.6.3

Conclusions and recommendations

Based on the results obtained in this work, the authors propose an improved mathematical
model for bubbly flow that significantly improves the agreement with the observed experimental results. The additional terms sources added in the standard k — e model of turbulence,
the drift velocity terms, the lift force coefficient and the virtual mass coefficient have been
studied. On the basis of a comparison with the available experimental data, numerical values
for these semi-empirical coefficients have been proposed, thus improving the predictions of
the model. In conclusion, the hydrodynamic behaviour of gas-liquid flows in bubble columns
is studied and explained using an Eulerian-Eulerian formulation. The predicted gas hold-up
and phase velocities profiles are in good agreement with the available measurements. The
addition of source terms in the standard k—e model of turbulence to take into account certain
aspects of turbulence specific to two-phase flows is found to be adequate and satisfactory.
The effect of the so-called drift velocity is studied using different correlations available in the
scientific literature.

Acknowledgments
The authors would like to thank the people involved in the development of the OpenFOAM
package at the London Imperial college (H. Weller and H. Jasak in particular) and in general
the OpenFOAM community for their generous contributions to the ideas that lead to the
continuous development of the package.

3(5

Nomenclature
Symbols
~CD

Q

drag coefficient, dimensionless
lift coefficient, dimensionless
virtual mass coefficient, dimensionless

ct
c,

turbulence coefficient, dimensionless

d

bubble diameter, (TO)

f

friction coefficient for flow around bubble, dimensionless

H

column heigh, (TO)

k — e constant (0.09), dimensionless

HL

l i q u i d level, (TO)

K

exchange

k

turbulent kinetic energy,

9

acceleration due to gravity, (m.s~2)

(kg.mT3.s~l)

coefficient,

(m2.s~2)

I

unit tensor

L

length scale, (m)

P

pressure, (Pa)

Re

Reynolds number, dimensionless

Mk

interphase force,

t

time, (s)

U

average velocity,

(N.m~3)
(m.s~l)

velocity of phase k, (m.s~1)

JV

column width, (TO)

Greek Symbols
a

volume fraction, dimensionless

e

turbulent dissipation rate,

M

kinematic viscosity,

P

density,

a

surface tension,

6

difference, dimensionless

0

Angle between U^ and U r , rad
stress

(m2.s~3)

(kg.mr1 .s~l)

(kg.m~3)

tensor,

(N.rnT1)

(kg.m~l.s~2)

Subscripts
c
d
k

eff

continuous phase
dispersed phase
phase index

t

effective
turbulent

D

Drag

I

lift

vm
r

virtual mass

int

interface

dis

dispersed

in
s

inlet
superficial

h

hydr'olic

relative
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4.1

Abstract

CFD simulations of bubble columns have recently received much attention and several multiphase models have been developed, tested, and validated through comparison with experimental data. In this work, we propose a model for two-phase flows at high phase fractions.
The inter-phase forces (drag, lift and virtual mass) with different closure terms are used
and coupled with a classes method (CM) for population balance, to predict bubble size distribution in the column which results of break-up and coalescence of bubbles. Since these
mechanisms result greatly of turbulence, a dispersed k — e turbulent model is used.
The results are compared to experimental data available in the literature using a mean bubble diameter approach and CM approach and the appropriate formulations for inter-phase
forces in order to predict the flow are highlighted.
The above models are implemented using the open source package OpenFoam.

4.2

Introduction

Bubble columns are today widely used in many industrial processes like chemical, pharmaceutical and petrochemical because of their capability of achieving high heat and mass
transfer rates with low energy input. The Computational Fluid Dynamics (CFD) methods
using modern high speed computing capabilities is a useful tool that is now often used in the
industry for scaling-up or design of many types of reactors. However, a lot of effort is to be
made to develop models that will take into account all the complexity of bubble columns.
Sound engineering judgement and detailed understanding of the underlying physics of the
phenomena must be used to develop models that can adequately describe the observed behavior of these reactors. In bubble columns, gas phase exists as a dispersed bubble phase in
a continuous liquid phase, to the recent years, the use of CFD modeling for bubble columns
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has been very limited compared to that in single-phase or dilute multiphase systems. Most
work published had focused on developing closure models for interfacial bubble-liquid forces
and on estimating bubble-induced turbulence. Again, until recently, relatively little attention has been given to the bubble size distribution problem although it is an important
design parameter and it can significantly influence the performance of gas-liquid mass transfer equipment. Bubble size distribution depends extensively on column geometry, operating
conditions, physical properties of phases and sparger type, and the last few years have seen
more and more researchers addressing this complex problem.
There are essentially two approaches for the numerical calculation of multiphase flow, namely
the Euler-Lagrange method which considers the bubbles as individual entities tracked using
trajectory equations [36,711, and the Euler-Euler method described below. The Euler-Euler
approach (E-E) has been used by several authors [10,46,59]. The basic equations have been
first formulated by Ishii [21].To take into account turbulence of the underlying flow, the
turbulent stress term in the mixture equation is closed by solving a standard k — e model
for the mixture phase. In the present work, the two-fluid methodology of Weller |52, 741 is
used. It is based on the standard E-E approach for prediction of dispersed phase flow at
high volume fractions of the dispersed phase. This methodology involves some modifications
in the closure models for inter-phase forces, volume fraction equation and reformulation of
turbulence model to compute at all phase fraction values and to reduce the complex model to
the equivalent single-phase when only one of the phases is present. To incorporate the effects
of the dispersed phase on the turbulence, additional source terms are used [43,52]. Initial'
bubble sizes, which is determined by formation of bubbles at the sparger may not be stable
because of turbulence and some other criteria like interfacial instability, wake entrainment,
size dependent rise velocity difference, and shear layer induced velocity difference. In all
these cases, bubble size is further determined by a breakup and/or coalescence mechanism.
Since interfacial area (one of the most important aspects in bubble column applications)
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changes widely with the variation in the bubble number density as a result of coalescence
and breakup, the population balance equation (PBE) should be used to improve the predictive capability of the model. This equation is analogous to Boltzmann's transport equation,
it can provide a statistical formulation to describe the dispersed phase in a multiphase flow.
This removes the assumption of single constant bubble size and improves the gas holdup
profile prediction. Indeed, population balance equation (PBE) allows us to locally predict
the bubble size distribution, and to eliminate the trial-aiid-error procedure regarding the
unknown mean bubble diameter mentioned above, thus providing a better estimate of the
interfacial area locally throughout the column.
In this work, the method of classes (CM) [34,35,51] is used, in which the bubble distribution
is represented through a finite number of bubble classes. Coalescence and breakup rates
become naturally birth and death rates for each bubble size class. The main advantage of
the CM is that the bubble size distribution is directly obtained. In the CM, the population
balance ecjuations are solved in terms of the volume fractions of each bubble class.
Several theories for bubble coalescence and break-up have been presented in the literature [39,49,67]. The implementation of coalescence and break-up models in CFD calculations
is an important part of the tools being developed for the design and analysis of multiphase
reactors.
Collision between bubbles can occur by three mechanisms: turbulent fluctuation of liquid
phase, different rising velocities of bubbles of different sizes, and laminar shear. Several models of breakup were reviewed and compared by [70,72] including the bubble breakup model of
Luo and Svendsen [40], derived from theories of isotropic turbulence. To improve the daughter size distributions prediction of these models, it was proposed to include capillary pressure
constraints [69,70,72]. Chen et al. [13] concluded in their comparison with different bubble
breakups and coalescence closures that the choice of bubble breakup and coalescence closure
does not have a significant influence on the results as long as the magnitude of breakup is
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increased tenfold. In the present work, the model of Luo and Svensen [40] is used for its
simplicity, a predefined daughter bubble size distribution is not needed to predict breakup
rate for bubbles and thus to avoid some of the problems of the original model. The daughter
size distribution can be directly calculated from the model.
In the present work, all the inter-phase forces (drag, lift and virtual masse) are considered as
the main source of energy input [5,7,10,11,43,54]. An additional force which acts near the
wall was considered by Jakobsen et al. |25,26| but it was not considered in the present work.
The E-E approach with the model of k — e and the population balance equations is used.
Comparison is made between the single bubble diameter model and CM method to obtain
the local bubble diameter which is important in prediction of standard drag coefficient for
the momentum exchange and interfacial area (a). The predictions from these models are
also compared to experimental results.
The CFD open source package OpenFOAM (Field Operation And Manipulation) is used. It
is first and foremost a C++ library to create executables. The numerical solution is based
on PISO (Pressure Implicit with Splitting of Operators) algorithm described by Issa [22] to
handle the pressure-velocity coupling. It involves a momentum predictor and a correction
loop in- which a pressure equation based on the volumetric continuity equation is solved and
the momentum is corrected based on the pressure change [20,52]. Transport equations for
the phase fraction as well as the turbulent kinetic energy and its dissipation rate are solved
only once per time step/iteration at the end of the sequence.

4.3

Previous work

Modeling interfacial forces remains an open,question in the numerical simulation of bubbly
flow. It represents interaction forces between the dispersed and continuous phases. When
motion is non-uniform, bubbles are accelerated relatively to the liquid. The concept of drag is
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extended to include various non-drag forces such as the so-called virtual mass force and lateral
lift force. An adequate description of this closure law must be used to predict accurately the
behavior of bubbly flow.. Sustained efforts have been made to understand the complex flow
fields in a bubble column. Among early work, several authors neglected the effect of virtual
mass [16,27,28,33]. Some others neglected the effect of the lift force [13,29,43,46.]. But
it has been shown in the literature [5,6,37,38] that the lift force has a strong influence on
phase fraction distribution and it is widely acknowledged that the standard lift model which
contains an empirical lift coefficient gives widely different results in different types of flow.
In recent years, there has been strenuous efforts to reformulate and understand interfacial
drag force, virtual mass and lift force [3,4,10,11,31,48,50,58-60,76]. Some of these models
do not incorporate coalescence and break-up processes in the CFD modeling.
Several correlations for drag, virtual mass and lift Coefficients are proposed for gas-liquid
systems. Table 4.1 gives some correlations for those coefficients, and the use of population
balance equations.
The presence of bubbles induces a significant increase in turbulence. To evaluate the shearinduced turbulent viscosity, modifications to the classical k — e model of turbulence can be
used. Two approaches taking into account bubble-induced turbulence are available in the
litterature. In the first approach, Sato and Sekoguchi [55] directly added an extra term to
the effective viscosity, while in the second approach, the turbulence induced by the bubbles
is accounted for by source terms appearing in equations of k and e [17,43,47,63]. A detailed
study of different approaches to model the shear-induced liquid phase turbulent viscosity was
recently made by Zhang et al. [76]. In the present work the model of Gosman et al. [17] is
used with an additional term source to account for gas-liquid interface and dispersed phase
on turbulence as proposed by Mudde and Simonin [43].
1

1 for a large bubble, mid CD = f i/Eo for a small bubble.
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with f(ag) = exp(3.64a g ) + a°- 864
for Crfo see |4|.
C
°

_ i
' ~ \

= I
I

We(1+°-15Re°m7) for i i e < 1000
0.44 for Re > 1000.

min[0.288tanh(0.121Re),f(Eo)} for So < 4
f(Eo)
for 4<Eo< 10.7.

with /(Eo d ) = 0.0105So^ - 0.0159£o^ - 0.0204£o d + 0.474 and
Eo
Eod - £-&2/3

Recently, Tomiyama [61 j proposed a set of closures for drag, lift and. virtual mass forces
based on a large body of experimental data. In the present work, we refer extensively to
the work of Tomiyama.

Standard closures for lift, drag and virtual mass are compared

with those of Tomiyama. A modified viscosity expression is used to account for the effect
of turbulence |2, 29|. Drag force is not assumed to be simply proportional to the mean
velocity difference (continuum and dispersed velocity) but also contains a contribution of
particles and turbulent fluid motions [56]. The CM of PBE is implemented to predict bubble
size distribution locally and eliminate the trial-and-error procedure by replacing the mean
diameter by Sauter diameter d^2In this work, the effect of PBE and the number of classes is also presented and compared
with the experimental data of [11,46].
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4.4
4.4.1

Two-fluid methodology
M o m e n t u m equations

In this work, the C F D tool used to solve the constitutive equations is the OpenFOAM C++
numerical simulation code, based on Finite Volume method (FVM). As mentioned earlier, the
E-E approach is used. T h e formulation described by Weller [74] for incompressible two phase
flow equations is adopted. In the limit of one phase fraction approaching zero, momentum
equation written as the traditional form becomes singular for that phase. To circumvent this
problem it was proposed to divide the phase momentum equation by the volume fraction
corresponding to that phase |74|.

T h e balance equations for intensive momentum can be

written as:

| ( U 0 + U , . V(U f c ) + V . ( R ^ ) + ^ . K U = - - + 9 + ^ fe
dV
'
ak
pk
akpk
where "k" subscript denotes the phase, a is the phase fraction, R^

(4.4)

is the combined

Reynolds (turbulent) and viscous stress, Mfc is the averaged inter-phase momentum transfer
term. These last two terms require a significant effort of mathematical modeling.
The continuity equation is expressed as:
^ ( a f c ) + V.(a f e U f e ) = 0

(4.5)

Combination of the two equations (4.5) for the dispersed phase (k=g) and the continuous
phase (k=l) results in the ineompressibility constraint:
V.U = 0

(4.6)

where U = ag\Jg + a ; U ;
This equation is used later to formulate an implicit equation for the pressure.

//

Reynolds

stresses are obtained from the Boussinesq hypothesis:
Rfc // = - ^ / / ( V U f c + V U ^ - | l V . U f c ) + |lkfc = 0
1%

(4.7)

is the effective viscosity of the phase k. It is calculated from the laminar and turbulent

viscosity f^

= Vk + vl where v1 is defined later.

Conservation of global momentum dictates that total momentum transferred between the
liquid and the gas phases is zero, i.e., X^fcMfc

=

0- The inter-phase momentum transfer

term is split into contributions from bubble drag, virtual mass and lift force.

4.4.2

Interphase force t e r m

The Basset force is very much smaller than drag and is neglected; however the other three
forces are important and are modeled as:
Mg = -Mi = Mg;D + MgMft + Mg,vm

(4.8)

where M Sv p is the drag force for the dispersed phase. It is often the only one considered. It
is common to describe this force as:
3ag_£gi
Mfl>D = ^ - p C b | U P | U P
i9

,(4.9)

where Ur is the relative velocity. In the present work, the relative velocity is not the mean
velocity difference between phases but is corrected by adding the drifting velocity used by
Simonin and Mudde [43,56] to account for dispersion of bubbles due to transport by fluid
turbulence:
Ur = (U, - TJg) - Ud

(4.10)

XJd = -Dtg[— V « s - - V a , ]

(4.11)

with:

" Oig

Oil
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D\ is the covariance tensor between turbulent velocity fluctuations of phases and a fluid
bubble turbulent characteristic time. Its expression is detailed in [43].
dg represents the bubble diameter and CD is the drag coefficient defined as function of
relative Reynolds number Re:
Re=Pl\ug-ul\dg

The Reynolds number is used for calculation of the drag coefficient. In this work, a modified
Reynolds number is used to account for the effect of turbulence on the drag. It is based on
a modified viscosity term in the relative Reynolds number |2|:

ftlu«-W

jfc =

(4.13)

IH + ClHJL

C is a model parameter introduced to account for the effect of turbulence in reducing slip
velocity and is set to 0.3 |29|.
Drag force takes into account interaction forces between liquid and bubble in a uniform
flow field with non accelerating conditions. If, however, bubbles are accelerated relatively
to the liquid, a part of the surrounding liquid would be accelerated as well. This additional
contribution is called virtual mass or added mass force. It is common to describe this force

Mg,vm = agCvmPl(-^- - - f - £ )

(4.14)

To account for the rotation of bubbles induced by the flow field which moves bubbles away
from the wall as observed by Serizawa and Kataoka [57] and Tzeng et al. |64| and confirmed
experimentally by Yao et al. [75], the lift force is used. It is calculated from the following
expression:
MgMft = agPlGUr x (V x Uj)

(4.15)

Coefficients Co, Cvm and C/ are usually determined empirically, see Table (4.1) for different
formulations.

One of the objectives of this work is to compare these values with those
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proposed by Tomiyama [61] and used by [76]. In the present work, two sets of interfacial
force closures are used; both of them are listed in Table (4.2).

4.4.3

Phase-fraction

Phase fractions are obtained from the solution of the phase continuity equation (4.5). Only
one of the phase continuity equations is solved, since we use the relation: ag + a; = 1.
But this equation takes insufficient account of the coupling between phases.

Moreover,

discretization of this equation should be efficient and most importantly yield a conservative
and bounded result, Weller [74| re-arranged the phase continuity equation (4.5) for the gas
phase so that all terms are in conservative form and ag can be bounded at both ends, as
follows:

jt(ag) + V.(a ff U) + V.(U P a f l (l - ag)) = 0

(4.16)

This approach couples the two phases more implicitly through the presence of the relative
velocity in the third term. This approach, however, introduces non-linearity in ag. Boundedness at both limits can only be guaranteed if the equation is solved in a fully implicit
manner [52].

4.4.4

Turbulence

To evaluate shear-induced turbulent viscosity in the liquid phase, the k — e turbulence model
is used [23]. This model is based on a formulation presented by Gosman et al. [17] with
additional source terms to incorporate effects of the dispersed phase on turbulence [5,43].
The liquid phase effective viscosity as mentioned before is modeled as:

vff = vl+vt
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(4.17)

CD =

Cj=0.14

l^vm — 0.0

0.44

j±(l + 0.15iJe a6S7 )
for Re > 1000.
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closure model A (Behzadi et al. [4])
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^
d
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E =
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C
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f{Eod) = O.OlObEol - 0.0159Eo

C,

CD

closure model B (Tomiyama [61])

with vl = Cprj. Conservation equations for k and e are, respectively, modeled through the
following equations:

jt{k) + V.(U,fc) - V. ( ^ - V f c \ + G - e + U{nt + nf*

(4.18)

and
jt{e) + V.(Uje) = V. ( ^ - V e ) + J (CiG - C2e) + n f ' + Ilf

s

(4.19)

Here, II™' and II™' represent the influence of the gas-liquid interface on the turbulence [5,43].
II* S and n * s represent the influence of the dispersed phase on the continuous phase [17]. G
is the production of turbulent kinetic energy, given as follows:
G = 2veJf\V\Ji.dev(v\Ji + ( V U , ) T J J

(4.20)

Where dev represent the deviatory component defined as:

devT = T - \(tr(T))

(4.21)

T is a second rank tensor and tr is the trace of this tensor.
The effect on the dispersed phase is represented by:
rdis

_ 2C3eagAPa
d(Ct - 1)

nf'

=

nf

»-A_

(4.23)

036

And the gas-liquid interface influence on turbulence is modeled as:

nf 4 =

( K - 2k + U r .U d ]

(4.24)

OicPc

nj"* = n* f c n t ^
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(4.25)

Tabic 4.3: Coefficients in two-phase k — t model

with:

c»

Cx

c2

c3

ak

<7f.

<?a

C.4

0.09

1,44

1.92

1.2

1.0

0.76923

1.0

0.5

4* = a 9 | £ Q | U P | and Ct =

1+£*a/pi

where A = ^

Reti is the turbulence Reynolds based on the eddy length scale Lc, defined as:

Retb = y-^—

(4.26)

with L£ = Cf,^-.
For. the other parameters see Table (4.3).

4.4.5

CM of p o p u l a t i o n balance

To predict the bubble size distribution in a gas-liquid flow, the population balance model
(PBE) can be used. In this approach, it is critical to provide reasonable bubble coalescence
and breakup behavior models [40, 49].

In the literature, there are several numerical

approaches for solving PBE, among them, the Monte Carlo method |51], the Quadrature
Method of Moment' (QMOM) [41,42] and the Parallel Parent and Daughter Classes
(PPDC) [9]. In this work, the Method of Classes (CM) [34,35,51] is implemented. The main
advantage of CM is that bubble size distribution is directly known. In this method, the
bubble distribution is represented through a finite number of bubble classes, and coalescence
and breakup rates are transformed into birth and death rates for each class. To solve the
PBE coupled to the full flow problem, the CM method with bubble classes is implemented
in the OpenFOAM CFD code. The Population Balance Equation for the ith bubble class
can be written for constant density [13,14] as:
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- ( p g n i ) + V-(pgUgni) = p g ( J 5 i c - A c + B i B - A B )

(4.27)

where rii is the number of the bubbles from group i per unit volume, A,, and Bc are the
birth rates due to breakup and coalescence, respectively, and Dc the corresponding death
rates.
Breakage and coalescence source terms are modeled as:

1 fv
B[c = — I a(v — v , v )n(v — v )n(v )dv
2 Jo

(4.28)

/•oc

Dlc = n(v) /
Jo

/•tx

B[B = /
Jv

a(v,v )n(v )dv

[4.29)

t

m(v )b(v )p(v, v )n(v )dv

D iB = b(v)n(v)

.(4.30)

(4.31)

Here, a(v, v ) is the coalescence rate between bubbles of size v and v ; b(v) is the breakup
rate of a bubble with size v; m(v ) represents the number of fragments, or daughter bubbles,
generated from breakup of a bubble of size v , and p(v, v ) is the probability density function
for a bubble of size v, generated by breakup of a bubble with size v . Bubble number density,
n\, is related to its gas volume fraction by:
riiVi = a-i
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(4.32.)

The sum of the bubble group volume fractions is indeed the volume fraction of the dispersed
phase:

]P an = aG

(4.33)

i

Each individual size group volume fraction is then expressed in terms of the total dispersed
phase fraction as:
h = —
aG

(4.34)

5> = 1

(4.35)

With:

i

Equation (4.27) can be rewritten using scalars ft and equations (4.32) and (4.34) as:
j t (aaPGfi) + V • (aGPGUGf^ =

PGVi

(Bic - A c + BlB - A B )

(4.36)

Mean bubble size of the distribution is usually determined by Sauter diameter d^- Change
in d.32 produces a change in the drag force, so this causes a change in the overall flow field.
Mean Sauter diameter ^32 is determined as:

4.4.6

Discretization of P B E by the method of classes (CM)

In CM, population balance equations are solved in terms of volume fractions of each bubble
class. Division into classes is done based on volume as bubble density is considered constant.
The fixed pivot approach [34, 35, 51] used here assumes that the population of bubbles is
distributed on pivotal grid points x\ with xl+\ = sx[ and s > 1. Breakup and coalescence
may produce bubbles with volume v such that x\ < v < X[+\ . This bubble must be
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split by assigning respectively fraction 7; and 71+1 to a;; and £,+1. Reassignment is done to
ensure conservation of the two different moments of distribution properties. In this work,
the number balance (zeroth moment) and mass balance (first moment) are preserved by
prescribing the following two constraints:
fix-, +-yi+1xi+i = v
;7i + 7i+i

.
(4.38)

= 1

Following Rainkrishna |51| and Vanni |66| source terms for equation (4.30) can be written
as below:
Birth in class i due to coalescence

Bic

=^2^2[9jk(xi-1,xi)

••

k=0 j=k
x

(!

-

HkXTi-ifoj

+xk)a(xk,Xj)36"i" Jfyi)]

+ Ek=o E j U I M ^ xi+i)
(1 - Hk)(T.(*j + ^ ) a ( s k , S j ) ^ 7 f e ) ]

(4.39)

where 0 is a test function defined as:

•,

%

I 0.0

for Xi < x-j + Xk < xi

I

for Xi > Xj + Xk > xi

1.0

and

7i-i W =

;

7i(v) =
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3—

(4.-11)

Death in class i due to coalescence
D

'c = ^ E « ( ^ ^ ) ^
1

(4.42)

/c=0

Birth in class i due to breakup

B

6a

.9 Vm^ ™ ^ u / „ ^
iB = —
E (^k)K^k)^,k4fk

(4.43)

Death in class i due to breakup

AB = ^ T ^ O -

(4-44)

and

fXi
7ri]k = /

/•Xi+1 x i + i - v
—p(v,xk)dv

u-Xi_i
—
p(v,x]i)dv+ /

(4.45)

Using Gaussian quadrature integration, the above integrals are approximated with:

(l + Wj) 3

E (i + D fg(Wi)
2

Xi-Xi-i
P(

2

i=i

+E

(

^

j)

~

Xi 1,Xk)

-

;;^^(^pa^)-^^)

(4.«)

P n is a Legendre polynomial which can be constructed using the three term recurrence
relations:
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Table 4.4: Values of weighting function use 1 in Gaussian quadrature integration
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/

/s52v 70

0.0

" V

63

~V

' 63

(2n-l)xPn.l-(n-l)Pn-2

(4.47)

Wj is the weighting function related to the orthogonal polynomials, see Table 4.4.

4.4.7

Bubble breakup and coalescence

Bubble break-up is described as a consequence of a collision of a bubble with a turbulent
eddy [49]. It is assumed that eddies that are larger than bubbles are merely carrying bubbles
and do not cause breakage. On the other hand, eddies that are much smaller than bubbles
do not have enough energy to break the bubbles. Specific break-up rate can be described
as a product of collision frequency and break-up efficiency. The breakup model by Luo and
Svendsen [40], derived from theories of isotropic turbulence is used. Breakup rate function
is expressed as:
1
£lB{vj,Vi) = kiairiii J U / 3 f

xexp(-

(l+0:

12

£I£L

tll/3'
/3iPLeV3dfVV3'

)dcS

(4,48)

This gives the breakage rate of a bubble of size Vj to two bubbles, one of size Vi and the other
of size Vj — Vi. Cf is the increase in surface area (c/ = (^-) 2 ' 3 + (1 — ^ - ) 2 / 3 — 1). £ = A/dj
is the dimensionless eddy size, and A is the arriving eddy size. This model does not need
a probability density function of daughter bubbles. It can be calculated directly from the
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model. Breakup rate function can be calculated by using incomplete gamma functions in
the following form [1,30]:

(J])

\ 1/3

{ r ( 8 / n , t r n ) - r ( 8 / i i , 6 ) + 26 3 / 11 (r(5/ii,t m )
-r(5/ll,6))+b6/11(r(2/ll,tm)-r(2/ll,6))}

(4.49)

Where

b

12c f a
^573!
0iPce"3d

tm = b{£min/dj)-n/3

(4.50)

Pi ~ 2.05 and ki ~ 0.924. At high Reynolds numbers, terms with tm are taken equals to
zero as tm ~ oo [54].
By this definition of the break-up kernel, terms b(v ) and p(v, v ) can be written as:

6(</) = — L - f SlB(v',v)dv
m{v ) J0

•

(4.5i;

This integral is calculated numerically in the discretized population equation.

,

£IB(V',V)

p(v,v) = —;
JQ

,. , , n

f'1.52)
nB{v',v)dv

Coalescence rates a(vi,Vj) are usually written as the product of the collision rate 9ij and
coalescence efficiency Pc [18]:
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a(vi,Vj) = OijPc

(4.53)

The collision rate of bubbles per unit volume is given by Saffman and Turner [53| and can
be written as:
OdJ) = ^ K + d,-)V/ 3 (d?' 3 + df)1/2

(4.54)

Where di, dj are the diameter of bubbles of class i and j with their number density being
given by rii and rij, respectively.

The coalescence probability of bubbles of sizes Vi and Vj is expressed as [18]:

,

p(

(

Pc{v Vi) = exp

"

[°-75(i+^-)(l + ^)] 1 / a „ y l / a

(4.55)

[-c(Pc/pL+o.5mi+t,rWe-

Where:
Wdj = pLdiufj/cr;

4.5

&j = dk/dy,

u{j = (uf + u])l/2;

m = P1/2(edweusei)1/3

(4.56)

Boundary conditions

All walls are treated as non slip boundaries with standard wall function [68]. The gas flow
rate at the sparger is defined via inlet velocity type boundary condition with the gas volume
fraction equal to unity. The bubble size at the gas inlet depends on the sparger design
which is beyond the scope of this work and an uniform bubble size at the inlet of 5 mm was
taken here based on the study of Buwa et al. [11]. At the liquid surface, a gas zone is added
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at the free surface of water in order to prevent liquid escape from the column, only gas is
allowed to escape (ag = 1, a; = 0). The boundary condition for e and k at inlet are as follows:

k=\{Uinletlf

(4.57)

where / is the turbulence intensity

fc3/2

c

1

I

=

C /4

0.07L
(\C\7T

l

:rW

(4-58)
v

/

with L the characteristic length of the equipment or pipe radius.

4.6

Numerical solution

In this work, the Open source Field Operation and Manipulation (Open FOAM) C + +
libraries are used.
al. [73].

They are based on a tensorial approach developped first by Weller et

It is freely available and open source, licensed under the GNU General Public

Licence. OpenFOAM is supplied with numerous pre-configured solvers, utilities and libraries.
It is open, not only in terms of source code, but also in its structure and hierarchical design,
so t h a t its solvers, utilities and libraries are fully extensible. It use's finite volume method
to solve systems of partial differential equations described on any 3D unstructured mesh of
polyhedral cells. New solvers arid utilities can be created by the user with some pre-requisite
knowledge of the underlying method, physics and programming techniques involved.
The aim in OpenFOAM is to offer an unrestricted choice to user and complete freedom
to choose from a wide selection of interpolation schemes.
integration for gradient operators is chosen.

In this work, linear Gaussian

It is based on summing value on cell faces,

which must be interpolated from cell centers. For divergence terms, (i.e., convection term
is the momentum equation), the Gauss linear scheme for discretization is used; it calculates
interpolations based on fluxes. For the first time derivative, the choice is the Euler implicit
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first order [20,52,77]. The solution of the resulting equations is made with the segregated
technique, where within an iterative cycle, each set of algebraic equations is solved in turn
using an appropriate solver until convergence is obtained. A special treatment is required to
establish necessary inter-equation coupling |20,52|. Solution of the pressure equation provides
corrections for updating pressure, flux and velocities, so that continuity is satisfied when the
continuity equations are used (Eq. 4.6) [19,52]. PISO (Pressure Implicit with Splitting of
Operators) algorithm proposed by Issa is used to handle pressure-velocity coupling. It is
based on procedures described by Weller [74] where a pressure equation based on volumetric
continuity equation is solved to correct a momentum predicted because of pressure change.
This is in a correction loop which consists of an implicit momentum predictor followed by
a series of pressure solutions and explicit velocities corrections. Iterative methods are used
to solve the system of algebraic equations created by discretization. Diagonal dominance
which guarantees convergence, is taken into account [20] and method choice is dependent of
matrix structure. Incomplete Cholesky preconditioned Conjugate Gradient (ICCG) solver
is used for symmetric matrices. The method is described in detail by Jacobs. The solver
for asymmetric matrices is Bi-CGSTAB by van der Vorst [65]. For pressure, ICCG with
tolerance equal to le — 8 and BICCG for velocities, dissipation, turbulent kinetic energy and
phase fraction is used. The sequence of operation for the solution procedure is summarized in
Table (4.5). The calculations are carried out for a rectangular bubble column similar to that
used by Pefleger et al. [46] and Buwa et al. [10,11]. It is 0.2m width x 1.2m height x 0.05m
depth. The water level is 0.45m (H/W = 2.25) and 0.9m (H/W = 4.5). Superficial gas
velocities used are 0.14 and 0.73 cm/s. Pseudo structured grids are used, 92 % structured
with 6100 cells for H/W ratio of 2.25 and 93.5 % structured with 30232 cells for H/W
ratio of 4.5. Buwa and Ranade [10] carried out calculations using different configurations
of locally aerated spargers and found that results are not sensitive to the different sparger
representations. Therefore, sparger through which gas was introduced into the column is
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Table 4.5: Two-phase numerical solution procedure.
1. (Calculate the interphase force (closure model A or B).
2. Solve the momentum equations ('1.4).
3. PISO-Loop.
4. Correct the substantive derivatives.
5. Solve k — e equations (6.10) and ((3.11).
6. Solve the a q equation (6.2).
7. Solve the PBE equations (if needed).

modeled as area covered by sparging holes (18 x 6 mm in the present case). Typical grid
distribution and sparger representation are shown in Fig 4.1. A time step of 1.0 x 10~ 3 s
was used.
For the P B E , the bubble size is divided into n = 2r +1 classes, with n odd in order to have
symmetry. As described before, a distribution on pivotal grid points Xi with x-i+\ = sxi and
s > 1 is used, where i refer to the class i with i < n. With the assumption of spherical
bubbles, we can write:

A

i<di?

\^f =

(4-59)

s is calculated to ensure t h a t d n = cfer+i = d m a x and d r = d,rnean.
This gives the following relation:
di = S1~^~ X drnean

(4.60)

With:
s =

(*222_)3/r
Umean

( 4 6 | )

The bubble mean diameter is set to 5 mm and maximal diameter to 10 mm [10,11]. Table
4.0 gives the values of s used with the number of classes used with CM. At the inlet the
mean diameter is used. In this work, the same velocity U s is used for all size groups. This
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Table 4.6: AMu§sj?I.AJMldJ^

with CM

Number of classes

7

11

15

25

Value: of r

a

5

7

12

Value of s

2

1.5157

1.3159

1.1802-

simplification is used to reduce the gas phase momentum equations to a single equation
with a velocity U g . Further work is underway to take into account the difference between
velocities of different classes but is not included here.

4.7

Results and discussion

Experiments by Buwa et al. [10,11] show that when gas is introduced into a column filled
with liquid, gas bubbles formed at sparger holes rise upwards in pool of liquid exhibiting
different length and time scales. Experimental instantaneous snapshots of oscillating bubble
plume, computational results published by [11] and the predictions of the current model are
shown in Figures (4.2 and 4.3).

Predicted instantaneous gas volume fraction distribution

shows t h a t meandering motion of the bubble plume is captured in satisfactory qualitative
agreement with experiments.

For a quantitative comparison of the simulated results with

experimental measurements, time-averaged flow properties (vertical liquid velocity and gas
hold-up) are compared with measurements using two types of closure model, namely model
A and model B in Table (4.2) with different classes of bubble (0-10 mm) or using mean
bubble diameter (5irnn) [10,111. Voidage fluctuation time series obtained using the current
model at a superficial gas velocity of 0.14 cm/s, an H / W ratio of 2.25 and recorded at
X = 0.1 m, Y = 0.25 m and Z = 0.025 m, is shown in Figure (4.4). It agrees well with
experimentally recorded voidage fluctuation time series using conductivity probe published
by |11|.

Indeed, the number of low-frequency oscillations corresponding to the motion of
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meandering bubble plume predicted is in good agreement with the experimental observations.
The number of low-frequency oscillations predicted is ^ 6 (between 20 s and 70 s), similar to
the experimental results. Further analysis of the fluctuation time series is done by sampling
at X -^ 0.05 in, Y -- 0.25 in and Z == 0.025 m, see Figure (4.4). It shows that plume
oscillation behavior is pseudo periodic (all cycles do not have same plume oscillation period),
and a distribution of plume oscillation period remains, both in the experimental results and
the modeling results. Measured vertical liquid velocity by [46| and the predictions of the
present model are shown in Figure (4.5). The superficial gas velocity of 0.14 cm/s at liquid
height of 0.37 m from the column bottom is used. Both closing models A and B using
a simple mean diameter give good agreement with experimental data. Figure (4.6) shows
that the time-averaged gas hold-up predicted by [II] using Euler-Euler with lift force is
shifted when compared to the experimental data when the time-averaged vertical velocity
is corrected to take into account the time delay. However, the results obtained using both
closure models A and B when plotting the time-averaged gas hold-up a few seconds later
than time-averaged vertical velocity are in good agreement with the experimental results
(Fig.

4.6).

Our interpretation of the reason for this shift differs from that of Buwa et

al. [11]. Whereas Buwa assumes that the shift is due to insufficient data acquisition time,
we think that it is rather due to the time delay of data acquisition. Interfacial closure model
A gives better agreement than closure model B when using a simple mean bubble diameter.
We use the population balance equation to see the influence on mass transfer by looking for
interfacial area.
Figures (4.7 and 4.8) show time-averaged vertical liquid velocity profiles predicted using
a simple mean diameter and CM (between 7 to 25 classes) with closures A and B and
measurement by [46] at an H/W ratio of 2.25 and a superficial gas velocity of 0.14 cm/s.
As expected, PBE gives better agreement than a single bubble diameter, and the number
of classes influence the accuracy. Here, 11, 15 and 25 classes give good agreement with the
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experimental data for both interfacial closure A and B. The importance of the number of
classes with both models A and B on gas hold-up (Fig. 4.9 and 4.10) is examined.
11 classes give better agreement for closures model A and B with the experimental data
than 15 and 25 classes. 15 and 25 classes overestimates the gas hold-up. An explanation
for that could be the overestimation of coalescence due to the same velocity hypothesis used
for all size groups. This would be a drawback of this simplifying hypothesis and will be
studied further. As is shown in Figure (4.11), the predicted plume oscillation periods with
closure A gives better agreement than closure B. The effect of H/W ratio is also studied.
Time-averaged liquid velocity data are not available for this H/W ratio. However, compared
predicted long time-averaged gas hold-up profiles with the measurements of [11] for superficial
gas velocity of 0.14 cm/s and 0.73 cm/s and H/W = 4.5 ratio are shown in Figure (4.12
and 4.13), respectively. The predicted plume oscillation periods are in good agreement with
the measurements. It is also seen that 7 classes is satisfactory for superficial gas velocity
of 0.14 cm/s. For superficial gas velocity of 0.73 cm/s, the results show that 11 classes
give satisfactory agreement, little improvement is obtained by increasing up to 25 classes.
Nevertheless, the prediction based on the mean bubble size assumption without involving
PBE is not adequate when compared with using PBE equation with more than 7 classes.
Figures (4.14) and (4.15) show volume percentage of each diameter using 7 and 11 classes,
with an H/W ratio of 2.25 and a superficial gas velocity of 0.14 cm/s. It can be seen that the
volume fraction for a given time is significantly different if the number of classes is changed.
It is also seen that the predicted bubble size distributions is not the same in different locations
as shown in Figures (4.16 and 4.17). As presented above in Figure (4.9), 11 classes is more
accurate than 7 classes for this ratio. For gas phase velocities considered in the present
work, coalescence is more predominant than breakage because of the lower turbulence. This
is confirmed experimentally by [10] based on images acquired using a high-speed camera.
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In Figures (4.9 and 4.10), it is shown that the volume fraction predicted by the model is in
good agreement with the experimental results. The Sauter mean diameter for this time is
shown in Figures (4.16 and 4.17). We can see that regions of mean Sauter diameter smaller
than 5 mm (mean diameter) appear to be the result of intense breakup caused by reverse flow
(see Fig. 4.19). Since the back flow increases the turbulence, breakage is important and the
Sauter mean diameter decreases. Coalescence dominates breakage and bubble size increases
as bubbles move away from the sparger (Fig. 4.19 and 4.21). We can see also the difference
when using mean diameter or CM to predict mass transfer rates by comparing the interfacial
area. Figures (4.20 and 4.22) show interfacial area in H/W ratio of 2.25 and 4.5, respectively,
with bubble mean diameter and CM calculated Sauter mean diameter. Time-averaged gas
hold-up predicted using CM is better predicted, as shown very clearly on Figure 4.22.

4.8

Conclusion

The two fluid methodology based on Weller formulation [74] is presented and used to model
bubble columns. It is based on the standard Euler-Euler approach. To incorporate the effects
of the turbulence dispersed phase, additional source terms in k — e equations are inserted.
Instead of a drag force formulation based on a simple mean velocity linear function, the
contribution of the drifting velocity, which represents the dispersion of the bubble due to
transport by the fluid turbulence is considered (Simonin and Viollet, 1990). A brief review
of previously published model for interfacial closure force in the literature is presented.
Coalescence and break-up in gas-liquid dispersion are represented using the CM of population
balance equation. The models are implemented in the open source package OpenFOAM.
Two interfacial force closure models are proposed. Good agreement is obtained between
the experimental data by [11,46] and the current model using both closure models, with
one of the models giving slightly better results. Good agreement with experimental data is
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obtained with the CM, when compared with the constant mean bubble size model. With
H/W ratio of 4.5 and a superficial gas velocity of 0.73 cm/s, the prediction based on the
mean bubble size assumption does not give satisfactory results compared to those based on
the PBE equations, when compared to experimental data. Even if 11 classes gives good
results for the case of H/W = 2.25 and a superficial gas velocity of 0.14 cm/s, 25 classes
gives better results throughout the comparisons with experimental data under the conditions
studied here. 11 classes is, though, a good compromise between reasonable computational
effort and precision. The predicted interfacial area with and without CM is significant. PBE
is clearly important when mass transfer prediction is critical and thus should be used to make
the current model a useful tool for design. The current model is currently being developped
to take into account different rise velocities for bubbles of different sizes.
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drag coefficient
acceleration due to gravity, m s ~ 2
turbulent kinetic energy, m2s~2
unit tensor
length scale, m
pressure,

Nm~2

interphase force. Nm~3
sink term of viscous loss term,Nm~3
time, s
average velocity, ms"1
root mean square turbulent velocity, ms
velocity,

ms~l

interfacial area, mTx
break frequency s _ 1
birth, m _ 3 s _ 1
breakup frequency, s ^ 1
death, m ~ 3 s _ 1
increase coefficient of surface area,
Sauter mean diameter, m
fraction, dimensionless
mean number of daughter produced by breakup,
number density of bubble class, m~3
coalescence efficiency, dimensionless
probability, dimensionless
Reynolds number
turbulent intensity
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Greek Symbols
e

volume fraction
turbulent dissipation energy, m2s~3

V

viscosity,

G

surface tension, Nm-1

f

stress tensor, kgm~1s~2

I > , x)

incomplete gamma function

01

constant, 2.05

p

constant, 2.046

1

fraction reassigned to nearby classes pivot, dimensionless
Kronecker 's symbol

oti

Sij

kgm~ls~l

6

turbulent dissipation energy, m2s~3
test function

&ij

collision frequency, m _ 3 s _ 1

X

eddy size, m

S

size ratio, X/di

sij

size ratio, di/dj

e

P
a

density, kgmT3
surface tension, Nm~x

Subscripts
T
ils
eff
g

characteristic time, s
breakup rate, m~3s~l
effective
gas phase

i

phase number, axis indices

I

liquid phase
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Figure 4.1: Typical grids used in present work with H/W ratio of 4.5 and 2.25.
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Figure 4.2: Experimental mid modeling (gas volume fraction, 0 black and 0.05 white) snapshots of meandering bubble plume at a superficial gas velocity of 0.73 cm/'s ( H / W
Buwa et al. 2006.
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Figure 4.3: Gas volume fraction (0 blue and 0.05 red), and liquid velocity snapshots of
meandering bubble plume at a superficial gas velocity of 0.73 cin/s ( H / W
current model.
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Figure 4.6: Time-averaged gas hold-up predicted using closure models. A and B with one
mean diameter and the measurement and predicted results by Buwa et al. (2006) at an H/W
ratio of 2.25 and a superficial gas velocity of 0.14 cm/s (Y = 0.37 in).
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0.37 m).
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5.1

Abstract

Several studies have shown a strong relationship between morphology and agitation |6,7|.
The shear stress distribution and mass transfer are the important parameters which can
improve the performance of bioreactor. In this work, a mathematical model using Computational Fluid Dynamics (CFD) techniques is used to study the gas-liquid dispersion in an
airlift reactor. Multiple Rotating Frame (MRF) technique is used to approximate the movement of the impeller in the stationary reactor. Population Balance Modeling (PBM) is used
to describe the dynamics of the time and space variation of bubble sizes in the reactor. The
PBM equation is solved using an approximate method known as the Class Method (CM)
and the bubble sizes are approximated through a discrete number of size 'bins', including
transport, and different bubble phenomena. These equations of the CM are then written as
scalar transport equations and added to the multiphase fluid mechanical equations describing
the dynamics of the flow. All these equations are solved using control volume formulation
through the use of an open-source CFD package (OpenFOAM). The model is used to analyze an existing geometry of an airlift bioreactor and validate the modification oh the initial
design. The new design of airlift gives a clear performance by the increase of the global and
local mass transfer and the the decrease of the shear stress.

5.2

Introduction

Airlift reactors are attractive for biological processes such as fermentation [23] and for microalgae and cyanobacteria production |17]. This choice is based on the excellent mass
transfer rates and specific energy inputs. Furthermore, these reactors have been reported
to provide rapid mixing while retaining homogeneous shear stress because of a permanent
liquid circulation which improves the overall efficiency of the reactor [8,17]. Two types of
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vessels can be found in the literature: loop reactor with internal or external circulation [27].
Many of the e x p e r i m e n t a l studies found in the literature are focused on liquid circulation,
mass transfer and volume fraction with two or three phase flow [21,30]. Among published
works on airlift modeling, few of them use a C F D approach.
In the present work, an airlift reactor designed by Ahamed and Vermette [3], with an inner
recirculation loop is evaluated for the production of cellulase by Trichoderma reesei. This
fungi has commercial interest because it produces enzymes called cellulase by converting cellulose and lactose substrates into sugars through a synergistic action of enzyme complexes.
The work of Aftab and Vermette [1,2] presents the production of cellulases using T. reesei
culture and A. niger) in a stirred tank bioreactor. The present study, involves airlift reactor
using an added impeller to improve the mixing in draft tube. The difference between the two
different reactors, with and without impeller, is studied through the use of the model and
compared to experimental results. The first reactor uses a simple mixing pattern generated
by the liquid circulation, which is the result of the geometry of the airlift configuration. The
second reactor has more important mixing, created by the additional impeller. Producing
more mixing is critically important to ensure the availability of nutrients, oxygen and other
essential substances to the growing cells. But at the same time, mixing ruptures the cells
through the high shear forces and confirms the effect of the shear stress on the growth of
the filament fungi and their production by changing the morphology [6,7,18|. Naturally, the
increased mass transfer produced by the mixing influences the growth and morphology by
reducing the diffusional limitation of oxygen a n d / o r other nutrients into cells.
In the results obtained initially using the airlift reactor with an impeller, some design flaws
appeared rapidly. Air was found, at high flow rates, to disperse not only within the airlift
central column but also in the external cylinder. Under these conditions the airlift bioreactor
behaviour was clearly not what was intended. It was also observed t h a t a central gas inlet jet
does not create a well dispersed bubbly flow. The inlet configuration was therefore modified
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to ensure a better recirculation and gas distribution.
The present work shows an investigation of the capacity of the model to predict the different hydrodynamic behaviours associated with the different airlift geometries and design
strategies. The modeling method developed and the results of this study should provide a
better understanding on the type of design geometries that will allow for better momentum and mass transfer, and to find a good balance between mass transfer and shear stress
distributions. To use the mathematical model for the present purpose, it was necessary to
bring important modification on the two phase methodology already presented by Bannari
et al. [5]. Namely, the implementation of the MRF model (originally not present in the
OpenFOAM package) to predict the flow field induced by agitation, when the impeller is
used. Furthermore, a better estimate of the mass transfer between the phases was obtained
by means of a population balance equation (PBE) formulation for the secondary phase, an
effective method for calculating the bubble size distribution in gas-liquid flow. This method
has received an increasing attention in recent years [5,12,31,32]. The method of classes (CM)
is used here to resolve the population balance to predict the local bubble size distribution
in the reactor.
The prediction of the local bubble mass transfer coefficient, ki, has been studied extensively
over the years, aiming toward capturing the interfacial mass transfer, see for example [13],
although one of the most useful work in the literature remains the original penetration theory
of Higbie [9]. Two models was used by Wang and Wang [32], the slip penetration model and
the eddy cell model in a bubble column. These two models are consistent in high turbulence
range, while in low turbulence range, the slip penetration model can be used only if the
effect of gas holdup and turbulent energy dissipation rate on the bubble size and bubble slip
velocity are correctly accounted for.
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5.3

Hydrodynamic model

As in |5|, the fluid flow and gas holdup model is based on the Navier-Stokes equations, using
an Eulerian-Eulerian multiphase approach to couple the two phases, using the formulation
proposed by Weller [33] which solves the singularity form obtained when one of the phase
volume fraction approaches zero. This modifies the multiphase equations by dividing the
phase momentum equation by the volume fraction corresponding to that phase (see Tab.
5.1).
In the present work, the Multiple Reference Frame (MRF) model with the multiphase formulation [16] is used. It allows the additional acceleration in the moving volumes of the
reactor due to the transformation from the stationary to the moving frame. To incorporate the MRF model, additional forces (Coriolis and centrifugal forces) in the rotating zone
have been added to momentum equations and the flow is calculated in a rotating coordinate
system. At the interface between the two computational regions having different frames
of reference, the two solutions are matched locally via appropriate velocity transformations
from one frame to the other [16].
The three inter-phase forces (drag, lift and virtual mass) are considered (see Tab. 5.1). To
take into account the turbulence of the underlying flow, the same model based on the k — e
model of turbulence presented in the previous work [5,26| is used.

5.3.1

CFD-PBE coupled model

The mass transfer between the two phases changes widely with the variation in the bubble
number density as a result of coalescence and breakup, therefore an accurate prediction of
the bubble size and number is critical. In the present work, the formulation of this problem
is made through the population balance equation (PBE). Using a model able to accurately
predict the bubble number and size density is essential to predict the flow behaviour in
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different flow regimes.
Furthermore, the Class Method (CM) as described by [5,12] is used to solve the PBE. At
high superficial gas velocity, bubble coalescence due to wake entrainment becomes significant
for the formation of large bubbles. Furthermore, bubble coalescence due to different bubble
rise velocity is sensitive to the bubble size [32]. These mechanisms, which were not included
in previous studies [5,12], are used here. The models for bubble coalescence and breakup
used in this study are referred to |5,12|.
The population balance equation is expressed in terms of /,, which is the volume fraction of
bubble group i in the gas holdup ag:

- (ogpg/i) + V • (agPgUbi/i) = psvi (Bic - Ac + BiB - A B )

(51)

As mentioned above, the bubble coalescence rate a(v, v ) must contain not only the coalescence due to turbulent eddies Ct, but also the rates due to bubble collisions associated with
different bubble rise velocities Cu and bubble wake entrainment Cw. It will be calculated as:
a(Vi, Vj) = 6(di, dj)Pc + Ct + Cw

(5.2)

6(di,dj) is the collision rate of bubbles per unit volume and Pc is the coalescence efficiency.
The models for bubble coalescence and breakup are listed in Tab. 5.2.

5.4

Mass transfer

In accordance with the development of the Population Balance Equations, the interfacial
area are be calculated as:

a = 6as]P/i/di
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(5.3)
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Several models have been proposed to calculate the gas-liquid mass transfer coefficient /c^.
Although developed more than 70 years ago, Higbie's penetration model [9] is still used
widely, it implies a dependence on the bubble slip velocity. Lamont and Scott [15] assumed
that the small scales of turbulent motions affect the mass transfer, and developed the socalled eddy cell model. Wang and Wang [32] recently showed that the penetration and eddy
cell models are consistent in high turbulence conditions but inconsistent for low turbulence
range cases. On the other hand, Alves et al. |4| found that turbulence does not affect the
mass transfer in low turbulence intensity ranges. Thus, the slip penetration model is valid
for calculating the gas-liquid mass transfer coefficient with e up to 0.04 (m2/s3). For these
reasons, in the present study the penetration model is used, it is written as:
kL

= l

,

3

^

(M

)

The combination of Eqs. (5.3) and (5.4) leads to:
k L a = 6.78D,1/* ]T nl^df^aj,

(5.5)

i

5.4.1

Shear stress

As mentioned above, the shear stress is an important parameter in the bioreactor, and
influences strongly the morphology of microorganisms. The maximum local shear stress in
each cell is evaluated as follows:
Tmax

=

Heff-max(\Txy\,

\
T

xz\j ITyZ\i \Txx\i ITyyI> \Tzz I)

5.5

(5.(0

C F D package

OpenFOAM is a free source package written in the C + + language, based on a tensorial
approach, than can be used to solve Computational Fluid Dynamics problems, but is in fact
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much more a general library of tools for the solution of partial differential equations. The
solver adapted for use in this work is twoPhaseEulerFoam. This solver uses a PISO loop
(Pressure Implicit with Splitting of Operators) to solve the Navier-Stokes equations. It is
an efficient method from the SIMPLE algorithm undcr-relaxation and where the momentum
corrector step is performed more than once [10]. Based on volumetric continuity, a pressure
equation is solved to correct a momentum predicted because of pressure change. This is in
a correction loop which consists of an implicit momentum predictor followed by a series of
pressure solutions and explicit velocities corrections.
For the non-orthogonal mesh, OpenFOAM proposes an iterative procedure to correct the
face fluxes by separating the flux into two parts known as the orthogonal and non-orthogonal
distribution. For more details on this correction in OpenFOAM, the reader is encouraged
to read Jasak thesis [11] and Rusche thesis [25]. The present work improves the modified
twoPhaseEulerFoam solver by including the solution of the PBE using the CM approach [5],
and with the implementation of the MRF model to predict the flow field induced by agitation
when the impeller is used.
Time integration is carried out by the Crank-Nicholson scheme, which is second order in time.
The convection terms in the equations were discretised with the limited linear differencing
scheme (limitedLinearV) [22], which is a bounded high-order scheme that takes into account
the direction of the flow field. The set of discretised equations were solved by the algebraic
multi-grid (AMG) solver and the incomplete-Cholesky preconditioned bi conjugate gradient
(BICCG) solver for the rest of the variables. To guarantee temporal accuracy and numerical
stability,, a Courant number less than one is required. The simulations were processed in
parallel on a twenty node by case in Mammouth cluster (Intel Xeon 64bit, 3.6 GHz, Dell
SC1425, 8 GB RAM/node, Linux CentOS 5. OpenFOAM 1.4.1). The total simulation time
for each case was always higher than 72 h.
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5.6

Geometries

Taguchi et al. [29| studied the influence of agitation on disruption of the mycelial pellets and
classified the physical effects of agitation on the pellets into two types. The first one is the
decrease in diameter of the pellet by material chipping off from the surface of pellets, the
second is direct rupture of the pellets. They concluded that the break-up is due to a high
local stress or impeller shock and that the effect of viscous stress is negligible. Cui et al. |7|
studied the isolated effects of dissolved oxygen and mechanical forces on fungal morphology.
The increase of the specific energy dissipation rate enhanced both the mechanical forces on
the cells and the mass transfer. Cui et al. [7] found that the pellet size, the hairy length,
the pellet density and the free filamentous mycelial fraction in the total biomass, varied
only with the specific energy dissipation rate. This was the case, provided by the dissolved
oxygen was kept between 5-33%. However, the biomass per pellet surface area was found to
be a function of the dissolved oxygen. The influence of agitation on growth rate is a coupled
function of mixing and oxygen transfer. The isolated study of shear on growth rate and
biomass production is therefore difficult but the present study with the model capability to
identify clearly the distributions of stress and concentrations should give important insight.
The original airlift reactor (35L capacity) is shown in Figure (5.2). It is made of an inner
cylinder with 63.11 cm height, with a diameter of 11.75 cm, positioned 5.23 cm from the
bottom and an external cylinder 101.85 cm height and 17.67 cm diameter. Figures (5.1 and
5.2) show the first reactor geometry with its circular inlet at the bottom center of reactor,
and the corresponding numerical mesh. Figure (5.3) shows the mesh used for the same
reactor with the impeller.
The rheological behaviour of Trichoderma reesei during batch growth on cellulose was studied
by Marten et al. [19]. The medium in this case transforms from a Newtonian fluid into a
non-Newtonian fluid with time-varying rheological proprieties and high apparent viscosities.
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In the first experiments made in the present study, it has been observed that when a certain
level of apparent viscosity is reached in the reactor, the central air jet does not have sufficient
momentum to penetrate the central lift tube and starts to disperse radially, this modifies
drastically the circulation and airlift behaviour. It was therefore proposed to move up the
inlet to ensure that the air injected from the inlet will move-up in the inner cylinder to have
a sustained internal circulation consistent with the desired airlift behaviour. To ensure a
high mass transfer rate into the medium, Fisher-brand gas diffusing stones (spherical and
porous) were proposed by Ahamcd and Vermette [3] to make the air inlet more diffuse and
more uniformly distributed. It contains an average pore size 6Q fim (Fig. 5.4). The three
spherical porous gas diffusion stones and the injection of the air is as shown in Figures 5.4.
The mesh of the new geometry with and without impeller are shown in Figures (5.3) and
(5.5).

5.7

Numerical solution and boundary conditions

The calculations are carried out for the four geometries presented above. The liquid phase
is 21L from the bottom, and 14L from the top is the gas phase (air). The mass flow rate
is 8L/min, and the viscosity is the viscosity of the initial media, equal to 0.002 kg.m~1s~1
and density equal to 1001 kg/m3. In the next sections, the acronyms ODWM (Old Design
With Mixing), ODNM (Old Design No Mixing) and for the new proposed geometries
N D W M (New Design With Mixing) and N D N M (New Design No Mixing) are used to
identify the type of reactor.
Table 5.3 gives the details of the results of the discretization into numerical cells for each
reactor, with the type of cells used. Preliminary tests on grid convergence (space and time
accuracy) were made to ensure that the number of cells used is sufficient for numerical
convergence and accuracy but are not presented in the following. A time step of 1.0 x
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Table 5.3: Details of I he numerical mesh
Cases

NDWM

NDNM

ODWM

ODNM

Number total of cells

509978

492171

1845:58

136990

hexabedral cells

227415

257595

89159

107541

tetrahedral cells

275944

229692

90062

26265

pyramids cells

6589

4884

5317

3.184

10~4s is used. The bubble size distribution is divided into 11 sections using a geometrical
distribution method (i>i+i = rvi) with the assumption of spherical bubbles. The number
of sections used here is relatively small when compared to recent work on the method
convergence but it appears justified because good agreement was obtained when compared
to the experimental data of a bubble column in previously published work [5]. This number
also appears to provide a good compromise between reasonable computational effort and
precision, r = 1.51 with the bubble mean diameter equal to 1.5 mm as observed in the
experiments.

The PBE is solved by defining 11 scalar transport equations where the source terms are the
result of the analysis of bubble breakup and coalescence. All walls are treated as non slip
boundaries using standard wall function for the turbulence model. The gas flow rate at the
sparger is defined via inlet velocity type boundary condition with the gas volume fraction
equal to unity.
The bubble size at the gas inlet is known to depend largely on the sparger design, which is
beyond the scope of this work. Thus we consider an uniform bubble size at inlet, equal to
the mean diameter (1.5mm). The boundary conditions for e and k at inlet are as follows:
k = 0.004(U in/et ) 2
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0.7)

with L the characteristic: length of the equipment or pipe radius.
600 rpm is the angular velocity used for the airlift with impeller.

5.8

Results and discussion

The numerical models presented above have been tested and validated with the available experimental data from the literature [5]. In the present work, the experimental and predicted
mass transfer in the bioreactors are compared, to be further used to improve the reactor design. Dissolved oxygen concentrations measured as a function of time are used in calculating
the experimental overall volumetric mass transfer coefficient k^a. The increase in dissolved
oxygen concentration is measured until water became saturated with oxygen.

Hence, the

rate of change in oxygen concentration in the liquid phase is given by the following equation:
^ = kLa{C - CL)

(5.9)

where C* is the saturation concentration given by Henry's Law:
Po2=H.C*

(5.10)

Integration of Eq. (5.9) with CL = 0 at t = 0 leads to the following equation:
ln(C*^CL) = -kLat

(5.11)

Plotting the left hand-side of Eq.(5.11) against time gives the experimental k^a. The Henry's
constant H and the diffusion coefficient -D02, at 30°C are respectively 4010 Pa kg~l m? and
2.01 x 10~ 9 rr^s'1 (CRC Handbook, 2002).
The overall predicted mass transfer for the two modified airlift reactor geometries (with and
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without impeller) using the population balance equations are compared with the experimental results (Tab. 5.4). The results are in good agreement with the available results.
11-bubble-size classes appear sufficient to give satisfactory results for the present
obtained earlier by Bannari ct al. |5|. Figure 5.7 shows the velocity vectors for the modified
reactors; the desired airlift internal loop behaviour is clearly observed. It is also seen that
around the impeller the direction of the flow field induced is well predicted using the model
with the MR.F approach for the impeller. The gas-liquid exchange surface area could be
changed in principle through changes in interfacial tension, but clearly this is not a parameter that can be easily manipulated. Thus, an increase in overall interfacial surface may
be achieved by using a porous diffuser for better initial dispersion of the gas phase, and
through the use of impellers to maintain circulation. An increase in interfacial area gained
by a decrease in bubble size also results in an increase in bubble residence time. According
to the Stokes equation (Eq. 5.12), the bubble rise velocity, v, is given by:

Where it is seen that reducing the diameter d greatly reduces v. In Figure 5.6 the bubbles
rise in a relatively homogeneous flow through the central area (from the inlet) for the ODNM
geometry. The local mean Sauter diameter for this case in the central area is higher than
in the other zones. The bubble size increases along this zone due to coalescence as can
be observed in Figure 5.6 (hight value of dyz)- With the diffuser for the same geometry
(NDNM), we can observe a better distribution than for the first case. This good distribution
is due to the breakup and also to the porosity of the diffuser. In the following cases using the
impeller (ODWM and NDWM), the mean Sauter diameter distribution through the reactor
is clearly improved. The smallest bubbles are found in the lower part of the reactors where
the gas hold-up is small and this is due to the fact that the inlet was moved up.
Good dispersion of the small bubbles provide efficient mass transfer, higher k^a values: the
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new geometry without impeller shows an increase of 22% than the old one without impeller
and even of 26% with the geometry with impeller compared by the old one. The use of
the impeller in the new geometries (NDWM and NDNM), increases the mass transfer by
more than 14%. The predicted local mass transfer fc/,a for different positions (Fig 5.8) is
shown in the Figures (5.9, 5.11, 5.13, 5.15). The modified inlet geometry clearly improves
mass transfer. As can be seen in Figures 5.17, 5.18, 5.20 and 5.21 where the mass transfer is
shown for each case, the overall mass transfer is evaluated. The results show that an increase
of approximately 30% with new design (Tab. 5.4). The global and local increase of mass
transfer are almost the same, the distribution of the increase is remarkably uniform. This
uniformity is undoubtedly an advantadge for the growth of microorganisms that are sensitive
to both oxygen and nutrient concentrations as well as shear stress. As discussed before, this
type of reactor is used for the production of the T. reesei in order to produce cellulase.
These organisms are quite shear sensitive, and a sensitive balance between mass transfer
and shear distribution has to be maintained. With strong shear stresses, long unbranded
hyphae (the long, thin filaments of cells within the mycelium) tend to be replaced by the
shorter and thicker hyphae [20]. Therefore, the shear stress is one of the most important
parameters influencing the-product.

The distributions of maximal shear stresses in the

different reactors are showed next. Figures 5.10, 5.12, 5.14 and 5.16 show the maximal shear
stress distribution for the same positions where mass transfer rates were given in Fig. 5.8.
The modified geometries clearly give lower, more uniform shear stress distributions as is
expected from the initial mass transfer results. In Figure 5.10, the ODWM shows strong and
highly non-uniform distribution of stresses in the vertical distribution. This is also the case
for the ODNM case even when the impeller is not used (Figs. 5.14 and 5.16). The modified
geometry for both cases with and without impeller shows a better (flatter) distribution of
maximal shear stresses, it is more uniform and shows less intense maxima. This is confirmed
also in Figures 5.19 and 5.22, which represent the maximal shear stresses in the reactors.
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Tablfi. JL ii .GlobaL jiiassJiMisfeJnjlifei^i^ reactors.
NDWM NDNM
ODWM
ODNM
Cases
kLa (CFD)

0.0144

0.01236

0.0106754

0.00958

k[,a (Exp)

0.01332

0.01151.

-

-

Error

7.5%

6.8%

-

-

The proposed geometries appear to decrease shear stresses while improving mass transfer.
The effect of mass transfer and the increase of energy dissipation from the impeller can be
seen on the hyphae length shown in Figure 5.23. Around 80 hours, the two curves begin to
separate, the mixing affects the length of the hyphae because of the higher shear. This result
is confirmed experimentally by [24,28]. They showed that shear stress have an important
influence on the medium rheology and microorganism morphology.

5.9

Conclusion

In bioreactors, morphological changes in the type of microorganisms arise from the mass
transfer and shear stresses. It can have a very significant effect on the production in the
particular case of Trichoderma reesei which is quite sensitive to high shear that can be generated when the mixing conditions in the reactor are too harsh. In this work, a mathematical
model using CFD techniques is used to study the gas-liquid dispersion in an airlift reactor.
To model adequately the flow fields in this complex multiphase environment including a
bubble phase where the bubbles vary widely in sizes, in the presence of a rotating impeller,
it was necessary to use many state-of-the-art mathematical modelling techniques. Multiple
Rotating Frame (MRF) technique was used to approximate the movement of the impeller in
the stationary reactor. Population Balance Modeling (PBM) was used to describe the dynamics of the time and space variation of bubble sizes in the reactor. The PBM equation was
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solved using an approximate method known as the Class Method (CM) where the continuous
distribution of bubble sizes is approximated through a discrete number of size 'bins', with
exchange between the different bins according to the different bubble growth and break-up
phenomena. These equations of the CM were then written as scalar transport equations
that were added to the multiphase fluid mechanical equations describing the dynamics of
the flow. All these equations were solved using control volume formulation through the use
of an open-source CFD package named OpenFOAM.
The model was used to analyze and validate the new geometry of an airlift bioreactor.
The results showed an increase in the mass transfer (about 30%) along with a decrease of
shear stress. The proposed model shows the potential of such approaches in the design and
optimization of bioreactors. These models can now be coupled to kinetic model for cellulase
production to present more realistic bioreactors.
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Nomenclature
Symbols
CD
a

Coefficient drag
volume fraction

9
k

acceleration due to gravity, ms~2
turbulent kinetic energy, m2s~2

P
kLa

pressure, Nm~2
mass transfer coeffecient, s _ 1

*-* slip

u
u bi
a
a(v,v )

bubble slip velocity, ms~1
velocity, ms~l
bubble velocity,ms _1
interfacial area, ra_1
break frequency s _ 1

/

fraction, dimensionless

Pc

coalescence efficiency, dimensionless

Re

Reynolds number

Greek Symbols
Qi

volume fraction

r

shear stress, kgm~1s~2

e

turbulent dissipation energy, m2s

H

viscosity,

p

density, kgm~3

a

surface tension, Nm~l

kgm~ls~l

Subscripts
eff

effective

g

gas phase

i

phase number, axis indices

I

liquid phase
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Figure 5.1: Initial geometry and corresponding mesh for the airlift rcaictor.
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Figure 5.2: Initial geometry (era)
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Initial geometry

New geometry

Figure 5.3: Mesh of initial and new geometries with agitator.
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Figure: 5.4: New geometry gaz sparger.
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Figure 5.5: New geometry mesh without agitator.
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Figure 5.6: Contours of Sauter diameter (d.32) (m) along the plane x = 0 (m) (left with
impeller, right without impeller).
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Figure 5.7: Liquid velocity (m/s) for flow rate = 8L/m.in, new geometry with and without
impeller.
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Top view of airlift reactor
Figure 5.8: Numerical results view planes.
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Figure 5.9: Predicted local mass transfer coefficient k[/.i (s x) in the plane 1 (right) and
plane 3 (left) for the original and new airlift geometries with.the impeller.
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Figure 5.10: Maximal shear stress distribution {kgm~ V" 2 ) in the plane 1 (right) and plane
3 (left) for the original and new airlift geometries with the impeller.
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Figure 5.12: Maximal shear stress distribution {kgrri^s^2) in the horizontal cut plane at
zx = 0.2m, z2 = 0.4m and zs = 0.7m from the bottom for the original and new airlift
geometries with the impeller.
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Figure 5.13: Predicted local mass transfer coefficient kill (s~~l) in the plane 2 (right) for the
original and new geometries with the impeller and plane 4 (left) for the original and newairlift geometries without the impeller.
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6.1

Abstract

Various models have been proposed to describe bioreactors. These models are based on the
complex cell growth kinetics which is often poorly understood under bioreactor conditions.
Cultures carried out in bioreactor present complex interactions between the chemical and
biological reactions with the flow patterns present in bioreactors. To improve our understanding of such bioreactors, detailed knowledge of the (low and concentration fields is needed.
Unfortunately, these parameters are very difficult to measure with the existing experimental
tools. The scope of this work is to develop a mathematical model for cellulase production by
Trichoderma reesei RUT-C30 grown in a cellulose medium with lactose as fed batch in an
airlift reactor using Computational Fluid Dynamics (CFD) techniques. The proposed model
of kinetic, transport phenomena and population balance model shows agreement with the
experimental data and provides other information as the distribution of oxygen, cellulose and
the shear stress within the reactor. These information can contribute to the development
and improvement of bioreactors and modifications are proposed to increase the performance
of the reactor.

6.2

Introduction

The use of fungi for the production of commercial products is ancient, but it has increased
rapidly over the last 50 years. Fungi are morphologically complex organisms and adopt
different structures depending on their life cycle, nature of the growth medium and physical
environment. In submerged cultures, a large number of factors contribute to the development
of any particular morphological form. Factors affecting morphology include the type and
concentration of carbon substrate, mass transfer, pH, temperature, shape and geometry of
fermenter, agitation system, rheology and culture mode. In the present work, the filamentous
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Trichoderma reesei RUT C30 used to produce cellulase enzyme is studied. The cellulase
enzyme plays an important role in the production of ethanol [15,33], being able to hydrolyse
cellulose and lactose into glucose. From an experimental as well as from a theoretical point
of view, it is very difficult to deduce unequivocal general relationships between process
variables, product formation and fungus morphology because so many variables influence
these relationships. Also, the role of many of them are still not well understood. Nevertheless,
it is the authors opinion that mathematical modeling, and in particular using computational
fluid dynamics (CFD) to describe the behaviour of the flow in reactors, can significantly
contribute to the development and improvement of enzyme production. Fungal fermentation
has been extensively studied in the scientific literature. The results of such studies are
presented largely as relationships between the important variables such as strain, culture
medium, pH, temperature, mechanical forces, incolum size and dissolved oxygen. Although
the flow patterns and in particular the shear stresses are very important to the performance
of the reactor, little effort has been made to study in depth the influence of the flow fields.
These mathematical models found in the literature can be used to predict the growth and
production only of well-mixed ideal reactors since no flow fields are included. They are
essentially, in CFD modeling terminology, described as O-dimension models, of perfectly
mixed reactors.

For example, Rakshit et al. [38] proposed a model for cell growth and

cellulase production as dependent variables, but substrate consumption was not considered.
Another model was proposed by Velkovska et al. [48] for cell growth (including two types
of mycelia), substrate consumption and cellulase production. This model included biomass
and substrate reactivity, but not intracellular mechanisms nor the oxygen consumption. The
model of Velkovska et al. [48] fitted their experimental results well but is limited to a fedbatch system. Cui et al. [14] included in their model, although indirectly, the effect of shear
stresses by adding the power dissipation due to mechanical agitation. It was the first, and
to the authors knowledge the only work to include the shear effect on the kinetics of growth
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and thus enzyme production. Later, the authors [40,43] experimentally showed t h a t shear
stresses have an important influence on the medium rheology of the medium.

Recently,

Muthuvelayudham et al. [32] published another model of cell growth, cellulase production
and substrate consumption in an ideal reactor but did not consider the importance of shear
stress and the morphology on the cellulase production. It is quite clear t h a t the flow fields
in the bioreactor used to produce cellulase using Trichoderma reesei have a very important
effect.

High shear stresses are associated with shorter hypha lengths.

Furthermore, mass

transfer rates arc also a strong function of the local flow velocities [44].
To better understand the complex relationships between production and bioreactor design,
it seems essential to build a mathematical model including not only the kinetics, but also
the flow.

As mentioned above, most studies published in the literature on this type of

systems deal with idealized reactors, considered as well mixed. Such models can be used in
early studies to better understand kinetics but are not well suited for engineering studies
aimed at the optimization of reactors. In recently published studies, the authors developed
mathematical models of two-phase, three-dimensional, bioreactors |6,22,41|. These models
were successfully used to predict mass transfer rates in a typical laboratory-scale bioreactor.
Essentially, the models can predict the flow and concentration fields in the gas and liquid
phases as well as the bubble size distribution in the presence of mechanical agitation. These
results can be used to obtain a detailed description of the bioreactor, including local and
mean shear stresses, bubble Sauter diameters and distribution, mass transfer rates, etc. In
the present work, we extend these models to an airlift bioreactor used to culture Trichoderma
reesei R U T C30 to produce cellulase.

An important hypothesis is t h a t the liquid phase

including the medium and the microorganisms are considered as a single phase, with uniform
properties and a time varying viscosity. It may appear as an oversimplification of the system,
but in view of the present state of the understanding of this system, the two-phase description
of the bioreactor is a contribution that is felt by the authors as being very important. Up to
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now no mathematical modeling study of this type of system has explicitly included the flow
fields and non-uniformities in the reactor by including the flow equations with the kinetic
equations.
One of the objectives of this work was to build a model to study the effect of reactor configuration, mechanical agitation, and other parameters t h a t are available to the design engineer.
As a basis of the model, a C F D approach is used. This approach is based on the transport
equations, including momentum, mass and species taking into account the reaction kinetics. Furthermore, the transport equations are written for two different phases, considered
individually as continuous phases. As mentioned above, it is an important hypothesis because it enables us to consider the microorganisms and the medium as a single phase. The
formulation of the two phases is made using a ^method known as an Eulerian-Eulerian approach, a method t h a t has been shown to be well suited for two-phase systems where the
local density of the phases can be widely different. T h e liquid phase (medium + microorganisms) kinetics includes growth, production of cellulase, substrate and oxygen consumption,
and furthermore takes into account the variation of viscosity as a function of time, as the
microorganism growth greatly increases the apparent viscosity of the broth. It is important
to note t h a t the primary phase (liquid + microorganism) is approximated as a Newtonian
fluid throughout the fermentation process; the viscosity however changes during the process
as will be described later. T h e so-called secondary phase (the air bubbles) is furthermore
described using a mathematical method known as the Population Balance Method (PBM)
which enables one to approximate the local values of the bubble sizes.

It is well known

that the size distribution of the bubbles has a drastic effect on the local mass transfer rates,
thus on biological kinetic rates since oxygen is supplied from the gas phase to the liquid
phase. Essentially, the mathematical model uses a previously published fluid methodology
formulation [6]. It uses the P B M equations [6,22,41] coupled to a kinetic model for biomass
growth as a function of time and oxygen concentration. To validate the proposed mathemat-
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ical model, some the experimental results of Ahamed and Vermette [3] are used. Ahamed
and Vermette's study reports the development and validation of the 35L draft-tube airlift
bioreactor used in the present study. This study investigated cellulase enzyme production
by T. reesei cultured under two airlift operating modes and compared with the result of
the cultures previously carried out in stirred tank bioreactors [2]. A direct link was found
between the morphology and physiology of the T. reesei mycelia and cellulase production.

6.3

Materials and methods

6.3.1

Pre-culture medium

Trichoderma reesei RUT-C30 strain was obtained from IOGEN Corporation (Ottawa,
Canada). The spores were inoculated as described elsewhere [1]. A Cellulose-Yeast extract
medium [1] was used in pre-cultures.

6.3.2

Production medium

The production medium composition was the same as that of the corresponding pre-culture
medium, except that Tween-80 was added (See Table 6.1 for composition). The 35-liter
airlift bioreactor was pre-filled with 20 liters of production medium and one liter of growth
medium. The production medium was first autoclaved and supplemented with 10L of a mixture containing 4500<7 of lactose and 30<? of lactobionic acid (Sigma-Aldrich). This mixture
was injected into the bioreactor at a flow rate of 18.5 mL/min following the first 48/irs of
fermentation. 3.3L per day of this mixture was fed for 3 days into the bioreactor.
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6.3.3

Rheological behaviour

The rheological behaviour of fungal suspensions under steady shear conditions has been investigated [4,21,29,34,39]. Fungal cell suspensions invariably show pseudoplastic or shear
thinning behaviour. To model this behaviour Marten et al. [25] have examined three empirical models: the power law, the Casson and Herschel-Bulkley models. They showed that, as
can be expected, the Casson model and the Herschel-Bulkley model represented T. rc.esai
broth steady shear behaviour better t h a n the power law. In our model, introducing a more
realistic rheological behaviour (e.g., Casson or Herschel-Bulkley) was not an immediate objective since the liquid phase containing the medium and the microorganisms was considered
as homogenous. In fact, the T. reesei system consists of a suspension of cells of different
dimensions and geometry and other insoluble particles t h a t can rapidly sediment, making
rheological measurements difficult and their interpretation rather speculative. T h e present
work will therefore concentrate on modelling the flow under the hypothesis t h a t the liquid is
Newtonian, but with a time-varying viscosity taken from measurements. An algebraic fitting
obtained from our obtained experimental d a t a [3] has been used here to describe the variation of the apparent viscosity with time. T h e fluid is modelled as Newtonian. Therefore, the
very important changes in viscosity are taken into account but not the complex behaviour
that would result if the fluid is treated as shear-thinning or yield stress.
The medium is taken as a time-varying viscous solution whose viscosity is expressed by:

f o . 0 0 1 3 5 * l o g ( £ ) - 0.012
I 2.20e — 3

t > lOh
otherwise
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6.4

Multiphase flow equations

In this work, the Eulerian-Eulerian approach is used to model the multiphase medium. In
this approach, each fluid phase is considered as a continuum that can interpenetrate with the
other phase. The properties of each phase are calculated from the properties of the species
acting on the phase. Two phases are considered i.e., air and the broth (liquid). The first one
includes the oxygen (O2) and nitrogen (N2) species, and the second one includes the oxygen
(O2) which is the result of mass transfer between the phases, the biomass (X), the cellulose
{C§H\QO§)

6.4.1

and the lactose {C12H22O11), the cellulase and water.

M o m e n t u m and continuity equations

The mass conservation equation can be written as:
— (ag) + V • (agl3) + V • ( U r a g ( l - ag)) = 0

(6.2)

with ag + cti = 1.
The momentum conservation equation for the phase k is written as:
| ( U f e ) + Ufc - V(Ufc) + V • ( R f ) + ^ • KfS = ~- + 9 + ^
K
dV '
ak
pk
akpk
The subscript "k" denotes the phase, R^

(6.3)

is the combined Reynolds (turbulent) and viscous

stress and Mfc is the averaged inter-phase momentum transfer term. Reynolds stresses are
obtained from the Boussinesq hypothesis [11|:
K" = - ^ J / ( V U f c + VU£ - | l V • Ufc) + ^Ikfc = 0
v^r

(G.4)

is the effective viscosity of the phase k. It is calculated from the laminar and turbulent

viscosity ve,

= vk + vl where vl is defined later.

Conservation of global momentum dictates that the net momentum transferred between the
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liquid and the gas phases is zero i.e., J2k ^ f c = 0. T h e inter-phase momentum transfer t e r m
is divided into contributions from bubble drag, virtual mass and lift force.
The most important interphase force is the drag force acting on bubbles resulting from
the mean relative velocity between the two phases and an additional contribution resulting
from turbulent fluctuations in the volume fraction due to the averaging procedure on the
momentum equation. Modelling interfacial forces remains an open question in the numerical
simulation of multiphase flows. It represents interaction forces between the dispersed and
continuous phases.' When motion is non-uniform, bubbles are accelerated relatively to the
liquid. T h e concept of drag is extended to include various non-drag forces such as the socalled virtual mass force and lateral lift force. T h e lift force is used to account t h e rotation
of bubbles induced by the flow field which moves bubbles away from the wall as observed
by Serizawa et al. [42] and Tzeng et al. [47] and confirmed experimentally by Yao et al. [51].
When bubbles are accelerated relatively to the liquid, a part of the surrounding liquid would
be accelerated as well. This contribution is added by the virtual mass force:
M g = - M j = Mg,D + Mg!lift + M s , „ m

(6.5)

where M g £> is the drag force for the dispersed phase. It is often the only one considered. It
is common to describe this force as:
M9iD = ^ » C

d

|U

r

|U

(6.6)

r

where U r is the relative velocity, which is the mean velocity difference between phases and
Cd is the drag coefficient. The lift and virtual mass forces are modelled as:
Mg:Vrn = agCvmpii—p-

9

MgMft = OgPiQUr x (V x Uj)
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9

)

(6.

(6.8)

6.4.2

Turbulence m o d e l i n g

As the secondary phase is dispersed and the primary phase is continuous, the dispersed k — e
turbulence model is used. It uses the standard k — e equations for the primary phase using
the formulation presented in previously published work by the authors [6] which included
additional source terms to incorporate effects of the dispersed phase on turbulence. The
liquid phase effective viscosity in Equation (6.4) is written as:
isff = vl+vt

(6.9)

with vl = C^.
Conservation equations for k and e are, respectively, modelled through the following equations:
d_{k) + V- (Vik) = V • (—Vfc) +G-e + nj."* + ITfs
dt

(6.10)

^ ( e ) + V • {Vie) = V • (%- W) + | (CiG - C2e) + IT/" + Ufs

(6.11)

and

Here, II^nt and II*"' represent the influence of the gas-liquid interface on the turbulence [8,30|.
II^ S and II* S represent the influence of the dispersed phase on the continuous phase [17]. G
is the production of turbulent kinetic energy, given as follows:

G =2v£J (vUi • d e t / v U j + ( V U ( ) T )

(6.12)

Where dev represent the deviatory component defined as:
devT = T - \(tr(T))
T is a second rank tensor and tr is the trace of this tensor.
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(6.13)

6.4.3

Species m o d e l l i n g

Species' transport is applied, for each phase k, to predict the local mass fraction of each
species, Yl , through the solution of a convection-diffusion equation for the i t h species. The
generalized chemical species conservation, when applied to a multiphase can be represented
as follows:
-^t{pkakYik) + V • (pkakXJkYty = -V • ak~j\ + akRi + mk,qJ

(6.14)

•Where J i is the diffusion flux of species i (Eq. 6.15), Ri is the net rate of production or
consumption of homogeneous species i by biological reaction for phase k and rnkiqj is the
mass transfer source between species i and j from phase k to q. The reaction rate is scaled
by the volume fraction ak of the particular phase in the cell.
~Ji = - (pDiim + ^-) VYi

(6.15)

Where Set is the turbulent Schmidt number (-^- where /Zj is the turbulent viscosity and Dt
is the turbulent diffusivity). The laminar diffusivity is calculated using the Stokes-Einstein
diffusion coefficient [10]. The density of species is listed in Table 6.2. We detailed in the
following section the rate of species i produced (Ri ) and the mass transfer source {rnkiqj)
from the growth, production and consumption kinetics.

6.5

Population balance equations (PBE)

The mass transfer between the two phases changes widely as a function of space in the
reactor since the variation in the bubble sizes and number density also changes as a result
of transport, coalescence and breakup. Therefore, an accurate prediction of the bubble size
and number is critical for a better accuracy in the prediction of the local and global mass
transfer coefficients. The PBE model is used here to describe the bubble behaviour. It is
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essential for our model to be able to predict the flow behaviour in different flow regimes.
The Class Method (CM) as described by Bannari et al. [6] is used. At high superficial gas
velocities, bubble coalescence due to wake entrainment becomes significant for the formation
of large bubbles. Furthermore, bubble coalescence due to different bubble rise velocity is
sensitive to the bubble size [49]. These mechanisms, which were not included in previous
studies [6,22], are included here. The basic models for bubble coalescence and breakup
without these mechanisms are referred to the previous work of Bannari et al. |6|.
The PBE is expressed in terms of /,;, the volume fraction of the bubble group i in the gas
holdup ag:
j t (agPg/i) + V • (a g / 9 g U b i /;) = pgVi (Bic - Dic + BiB - D, B )

(6.16)

As mentioned above, the bubble coalescence rate a(v,v ) used by Bannari et al. [6| must
contain not only the coalescence due to turbulent eddies Ct, but also the rates due to bubble
collisions associated with different bubble rise velocities Cu and bubble wake entrainment
Cw. It is calculated as:
a{vi,Vj) = 6(di,dj)Pc + Ct + Cw

(6.17)

9{di,dj) is the collision rate of bubbles per unit volume and Pc is the coalescence efficiency!
The models for bubble coalescence and breakup are listed in Table 6.3.

6.6

Mass transfer

In accordance with the development of the PBE, the interfacial area will be calculated as:

a = 6ag^2fi/di
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(6.18)

The Higbie's penetration model [18] is used in this work to calculate the gas-liqiiid mass
transfer coefficient k^ which can be written for one bubble [49] as:
kL = 1 . 1 3 W ^ « E

(6.19)

The combination of Equations (6.18) and (6.19) leads to:
kLa = 6.78D,1/2 £ ul'^df^aji

(6.20)

i

6.7

Kinetic model for cellulase production

The growth is normally associated with an exponential increase in biomass when conditions
are favourable and when nutrients are in excess. The kinetic model for batch and fed-batch
cellulase enzyme production by T. reesei from cellulose/lactose substrates is developed here.
Most studies presented in the literature examined the kinetics of enzyme production from
soluble substrates but do not include oxygen consumption and dissipation rate, although it
is known that dissipation rate is proportional to the fungus mean hypha length [13,20]. In
the present model, this is included and coupled with the hydrodynamic model.

6.7.1

Mathematical model for biomass growth and enzyme production

For biomass growth, the model is based on the exponential growth phase (Eq. 6.21) and
substrate consumption (Eq. 6.26, Eq. 6.28). The biomass growth rate contains two or three
Monod terms (Eq. 6.22), which account for cellulose

{C%H\QO^)

and/or lactose (C12H22O11)

and oxygen concentrations:
dYl
Rx = Pi-jf=Pi-H-Y}c
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(6.21)

v'

M:

Yk
Pl

P'

m

rYk

Y\

,

Yh

" ' jf^'nt^'^~^

CO 22)

iiY[>0

(

'

fj, is the specific growth rate [ s - 1 ] , /xrrljt is the specific growth rate without substrate limitation
[ s - 1 ] , -Re and .fCt, are, respectively, the saturation constant of the substrate CQHIQOQ and
C12H22O11 [kg TO -3 ]. YQ and Y[ represent the local substrate mass fraction of cellulose and
lactose. Ko2 is the saturation constant of dissolved oxygen [kg TO -3 ], and YQ

is the local

mass fraction for dissolved oxygen.
It has been reported that high shear stress led to shorter hypha length of mycelium [9,12,24].
Shear can deactivate cells or decrease the specific growth rate of microorganisms since the
fungal mean hypha length was found to be proportional to the specific energy dissipation
[12,28|. In our model, we use the relationship between the inactivation and the specific energy
dissipation rate published by Cui et al. [14]. The inactivation is considered proportional to
the specific energy dissipation rate with an exponent of 0.25 [14].
The strength and activity of fungal hyphae are affected by the formation of vacuoles and
with the age of the culture [26|.

Based on the observation from Mauss et al. [26] t h a t

the specific respiration rate of Streptomyces ambofacients decreases with culture age, Cui
et al. [14] assumed t h a t the correction of the specific growth rate due to the formation of
vacuoles in cytoplasm and the increase of age can be expressed as:
/ W - ( l + -)"°'5
r

(G.23)

In this work, the specific growth rate without substrate limitation i^m<t is used. It is developed
from the inactivation coefficient kd of hyphae due to specific energy dissipation rate e and
the above correction.
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/xmi( is expressed as:
AW = fe • (1 + - ) - 0 5 • (1 - ^e 0 ' 2 5 )

(6.24)

T

with:
kd = Kd •(! + -)

(6.25)

T

where Kd is the initial inactivation coefficient of hyphac caused by shear damage, r is the
critical time of fermentation, which represents the begin of the decrease of hyphae length
(20h or 72000 s).
Cellulose, lactose and oxygen consumption are expressed by the yield coefficients:

Rc=6^ = - ^ - - R x
dt

(6.26)

*x/c

dY
1
RL = ~± = -TT— • Rx

(6.27)

YX/L

' OX

Ro2 = r^~-Rx

(6.28)

Y

X/Oi

One of the objectives of this study is to include the impact of dissolved oxygen concentration on T. reesei growth and product formation. Hence, the rate of change in oxygen
concentration in the liquid phase is included and is given by the following equation:

dYl
—2l=R02

+

kLa • Pl{Y& -Y^)

(6.29)

Where YQ is the saturation mass fraction of oxygen, which is calculated from the saturated
oxygen concentration, CQ2, given by Henry's Law:
Po2=H- C*

(6.30)

Using the CFD, the volumetric mass transfer coefficient is calculated by Equation (6.20).
The protein production is modelled based on the term of Luedeking-Piret kinetics, which
states that the product formation rate varies linearly with both the instantaneous mass
dYl
fraction of the biomass Ybx and &growth rate —~- as:
dt

Where a and /? are empirical constants that may vary with fermentation conditions. The
parameters a and (3 were determined and proved to be good for non-syfithetie substrates and
mixed substrates [31]. Although the model kinetic parameters are temperature dependent,
temperature variation was negligible within the system, and thus, the energy equation is not
necessary to be solved. The values fot the constants used were taken from the literature and
are listed in Table 6.2.

6.8

Fermentation process in the airlift bioreactor

The solution domain for the airlift bioreactor investigated in this work is shown in Figure
6.1. It consists of a 35-liter draft-tube airlift bioreactor built in-house as described elsewhere
[3]. The bioreactor has an operating volume of 30 L and is equipped with an automated
. monitoring and control system for pH, aeration, temperature, antifoam, and agitation. The
air is supplied through three spherical porous Fisherbrand gas diffusing stones (Fisher brand
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cat. #11-139A), with an average pore size of 60 /im. At the operating conditions tested in
this study, neither clogging nor biomass deposits were observed on the porous stones. The
computational domain for the model of the bioreactor is shown in Figure 6.1. It contains
492171 cells with 257595 hexahcdral cells, 229692 tetrahcdral cells and 4884 pyramidal cells.
The effect of grid size is not investigated in this work as it was estimated to be sufficient to
adequately describe the phenomena studied here.

6.8.1

N u m e r i c a l technique

In this work, the Open source Field Operation and Manipulation (Open FOAM) C + +
libraries is used.

It is based on a tensorial approach developed first by Weller [50].

It

is an open source, freely available and licensed under the GNU General Public Licence.
OpenFOAM is supplied with numerous pre-configured solvers, utilities and libraries. The
so-called twoPhaseEule.rFoam solver is adapted by adding some source terms as mentioned
in a previously published work from the authors [6].

The P B E model and kinetic model

are implemented and coupled with this solver. Open FOAM uses the finite volume method
to solve systems of partial differential equations described on any 3D unstructured mesh.
Since the calculations presented in this work use some non-orthogonal meshes, an additional
correction term is added for the diffusion terms to account for the fact t h a t the face area
vector is no longer co-linear with the vector d connecting the two cell nodes. The numerical
treatment of this extra term is automatically included by OpenFoan and it requires considerable care and attention |19|. Time integration is carried out using the Crank-Nicholson
scheme, which is second order in time.

T h e convection terms in the transport equations

are discretized with the limited linear differencing scheme (limitedLinearV) [36], which is
a bounded high-order scheme that takes into account the direction of the flow field.

The

set of discretized equations are solved by the algebraic multi-grid (AMG) solver and the
incomplete-Cholesky preconditioned biconjugate gradient (BICCG) solver for the rest of the
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variables. To ensure temporal accuracy and numerical stability, a Courant number (defined
as the product of the velocity and time step divided by the control volume length) inferior to
one is required. To avoid numerical difficulties often encountered in such complex multiphase
flows, the transient calculations are made for two-phase flow starting with only the hydrodynamics until convergence is obtained, followed by solving the P B E , and finally starting the
kinetic model for cellulase production. The simulations were made on 32 parallel nodes in
the Mammouth cluster (Intel Xeon 64bit, 3.6 GHz, Dell SC1425, 8 GB R A M / n o d e , Linux
CentOS 5. OpenFOAM 1.4.1).

6.8.2

B o u n d a r y conditions

For practical computational requirement purposes, the bubble size is divided into 7 sections
by using the geometrical method (UJ+I = rvi, r = 1.51) with the assumption of spherical
bubbles. T h e number of sections used here is clearly too low to be used to predict with a
high level of accuracy, but it still represents a good alternative to the widely used single
bubble size method.

For the present work, the emphasis was put on the development of

the model more t h a n on its use as a quantitative prediction tool. Here, the bubble mean
diameter equal to 1 mm was chosen as observed experimentally with water as the liquid
phase [7]. T h e P B E is solved by defining 7 scalar equations with the source terms written
from bubble breakup and coalescence models. All walls are treated as non-slip boundaries
with standard wall function. The gas flow rate at the sparger is defined via an inlet velocity
type boundary condition with the gas volume fraction equal to unity. Five scalar equations
for the chemical species are solved out of the seven, since by continuity one of the species
does not have to be solved for each phase. An air flow rate of 8 L/min was fed through the
diffusing stones; this flow rate was sufficient to maintain the dissolved oxygen level to 20%
of air saturation. The bubble size at the gas inlet depends on the sparger design, thus we
consider an uniform bubble size at the sparger inlet. T h e calculations are carried out for the
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geometry presented in Figure 6.1. The liquid phase is 20L (a = 0), and 14L from the top is
the gas phase (air). The viscosity is the viscosity of the initial medium and was considered
to be 0.002 kg m _ 1 s _ 1 . The density is calculated at each time step by the mixture rule
from the species densities as:

Pi = 52YM

(6.32)

i-l

Where p\ is the density of the species i in the liquid phase. The mass fraction of cellulose is
initialized to 4.753e~2 to have the initialized mass of cellulose to 1000g, as in the experiments.
The mass fraction of protein and lactose are initialized to zero. The mass fraction of the
biomass is initialized to l e - 6 , which is the residual of the species equation in order to activate
the reaction. At 48hrs, 72hrs and 96/irs, the value of the volume fraction of air from the
air/medium interface is changed to match the additional lactose injected as fed batch. The
mass fraction of lactose in this zone is changed to 0.15. The species properties used in this
work, are listed in Table 6.2.

6.9
6.9.1

Results and discussion
Model validation

The average biomass present in the medium can be easily obtained by sampling the reactor at different fermentation times, but obtaining a detailed picture of the variations of the
biomass within the reactor vessel, as well as the concentrations of dissolved oxygen, lactose,
cellulose as a function of time is much more difficult. Experimentally, it drastically increases
the chances of perturbing the bioreactor and possibly to contaminate it, not to mention that
it significantly increases the cost of the system. It is one of the aims of the present model
to assist in the design of the bioreactor by providing insight into the distribution of species
concentration/mass fraction distribution, reaction rates, shear stresses, etc. over the entire
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reactor for the complete culture period. Although limited by the accuracy of the numerical
model, and by the validity of the hypotheses made to develop the model, these results give
very valuable information that could be experimentally measured but at great cost or with
very limited accuracy. The first task at hand after the development of the mathematical
and numerical tools is to validate them with the available experimental data obtained under
identical conditions. This validation, although imperfect as it is, will give more confidence
on the validity of the predictions of the model for variables that cannot be directly measured.
The flow fields velocities, bubble size distributions and mass transfer coefficients predicted by
the model have been compared to well-known experimental measurements in previously published work by the authors [6,7,22]. For two-phase flow systems such as bubble columns and
stirrcd-tank bioreactors the model has proved to predict with good accuracy these variables.
For the present work, to make an adequate comparison between the modelling and experimental results, the volumetric average of the values obtained in the model is computed over
the reactor volume as Equation (6.33):
n
1 f
1 "
(m ) = - / m'dV = - £ m ? M = £ Pl(l - a)V t 5f
s

(6.33)

The measured cell growth results are compared to those predicted by the model (identified as
CFD) on Figure 6.2c. The predicted T. reesei concentration initially shows an exponential
increase, as expected since the conditions are favourable for growth and the nutrients are in
excess. The sudden decrease in the biomass concentration prediction is due to the suddenly
added volume in the liquid phase (i.e., fed-batch operation) of lactose at 48 hrs, 72 hrs and 96
hrs, as seen on Figure 6.2a. These sudden variations observed in the model do not show in the
experimental results as such since the measurements are made at relatively large intervals.
Nevertheless, the model predictions are in good agreement with the experimental data. The
predicted cellulose consumption (Fig. 6.2d) and the protein secretion (Fig. 6.2e) are also in
good agreement with the experimental data. Figure 6.2b shows the experimental viscosity
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and the logarithmic fitting used in this work. It is important to note here that the model
has only a few free parameters that were adjusted with respect to the experimental results.
Only the viscosity of the broth and the maximum specific growth rate in the Monod kinetic
law were adjusted to the experimental results, so that the model could be, in principle, used
easily to any other bioreactor geometry or operating parameters. For example, the overall
mass transfer coefficient (k^a) for the reactor is not an input to the model but rather a result
of the integration over the whole volume of the local mass transfer rates. Furthermore, the
bubble size distribution which is so important in determining the local mass transfer rate
has been validated for an entirely different reactor geometry in a recently published work by
the authors.
The shear stress and the mass transfer are among the important variables affecting the
performance of such a bioreactor [12,40]. The microorganism morphology is characterized by
the hyphae length and the number of tips, which are the important parameters influencing
the enzyme productivity [2], and some studies [2,9,12] have shown a strong relationship
between morphology and agitation. It appears extremely important to study in detail the
shear stress distribution, energy dissipation and mass transfer rates in the bioreactor to
better understand their effect and thus to improve the performance of the bioreactor.
As pointed out before, it is an extremely difficult task to measure these variables within
the reactor. The proposed model can be used to obtain information that, when analyzed in
the presence of averaged or global experimental measurements, will give us better insight.
This information can be used to better understand the influence of the reactor design and
operation conditions on cell growth. In the next figures we analyze in detail results obtained
from the modeling. Although these results have no experimental counterpart, they provide
essential information on the airlift bioreactor operation. Figure 6.3 shows the velocity vectors
of the liquid medium phase. The desired airlift internal loop behaviour is clearly observed
as well as the presence of the internal cylinder. The velocity fields show relatively mild
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recirculating eddies, so that there is no zone of very high shear rates that could be detrimental
to the microorganisms. The injection of the lactose during the fed-batch operation increases
the liquid volume over time and it influences the two eddies close to the air/liquid interface.
This change of the volume over time and its influence on the overall shear stress distribution is
minor, as observed in Figure 6.4a. It appears that the cells remain subject to the same shear
forces in spite of the increase of the medium viscosity, an expected result since there is no
mechanical agitation and the bubble flow is the only source of shear. The second important
factor strongly influencing the morphology and the enzyme production is the mass transfer
rate which is calculated as function of the bubbles' Sauter mean diameter. It is seen from the
Sauter mean diameter distribution that the predicted bubble size distribution is not uniform,
as shown in Figure 6.5. Here, this distribution is not only due to the breakage and coalescence
of the bubbles but also to the consumption of the oxygen by the microorganisms as seen
in the areas shown in Figure 6.5. The decrease of the Sauter mean diameter as function of
the time can be explained, in part, by the exponential growth of the microorganisms, which
require more oxygen to survive and continue to multiply and, in part, by the increase in
viscosity which changes the balance of forces in the breakage and coalescence of the bubbles.
The eddies observed close to the top surface (Fig. 6.3) influence the distribution of biomass,
as can be shown in Figure 6.6. These figures show that the recirculating eddies have a very
well defined structure, and the relationships between the different species present in the
bioreactor interact very clearly within this zone. In these eddies, the biomass concentration
is high, and as consequence, the oxygen is significantly depleted as well as the cellulose.
Very strong nonuniformities of the production zones in the bioreactor can be seen, and
comparison between the cellulose, oxygen, biomass and lactose concentrations shows the
complex relationships between these. In fact, it appears the recirculation eddies are a very
important part of the reaction zone since this zone seems to be close to a steady-state
operation, while the rest of the bioreactor transports the oxygen and nutrients to the eddies.
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Figure 6.4b shows the same results as the previous figure but on horizontal cut planes.
The high shear rates zones are seen to be associated with the draft tube surface, while
the low shear zone in the top recirculating eddies shows high biomass concentrations. It
is also interesting to see that the bubble plume associated with the individual sparger is
still apparent at the top of the bioreactor, as the oxygen concentration shows three distinct
leaflets. The distribution of oxygen in the bioreactor as a function of time is shown in Figure
6.7. It can again bo seen that the bubble plume structure is relatively nonuniform, with a
zone showing very low oxygen concentrations (Fig. 6.7b). The information obtained from
the model on the local oxygen and different species concentrations over time could be used
to improve the design of the bioreactor and thus its performance. It is well-known that
the morphology is affected by the mass transfer conditions and that it has an influence on
the rheological properties of the system [40]. Trinci et al. [46] investigated the transport of
oxygen to the center of mycelial pellets of Aspergillus nidulans and found that the mycelium
resulted in a substantial mass-transfer resistance. The morphological changes arising from
the oxygen concentration can ultimately cause significant change in the product formation.
The flexibility of the mathematical model of the flow in the bioreactor could prove very useful
for design studies since it includes, for example, the possibility to add mechanical agitation
in the medium, as in [7].

6.10

Conclusions

In this work, a mathematical model using CFD techniques is used to describe cellulase production by Trichoderma ree.sei R.UT-C30 cultured using a cellulose medium with lactose as
fed batch. To adequately model the flow fields in this complex multiphase environment including a bubble phase where the bubbles widely vary in sizes, it was necessary to use many
state-of-the-art mathematical modeling techniques. Population Balance Modeling (PBM)
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was used to describe the dynamics of the time and space variation of bubble sizes in the
reactor. T h e partial differential equations (about 24 P D E ) were solved using control volume formulation through the use of an open-source C F D package named OpenFOAM. T h e
model presented here for cellulase production by T. re.esei RUT-C30 includes the impact of
dissolved oxygen and substrate concentration on the cell growth. It includes also the shear
influence which can deactivate cells or decrease the specific growth rate of microorganisms
as well as the influence of the increase of culture age. T h e model is partially validated with
experimental data.

T h e coupling of different biological and transport phenomena such as

turbulence, multiphase flow, consumption and production of enzymes represents a very challenging problem. T h e proposed fully coupled model can be viewed as a tool to improve t h e
bioreactor operation or design, and to understand the influence of the operating parameters
on the morphology of T. reesei. The model shows the potential of such approaches in the
design and optimization of bioreactors. Based on the concentration of oxygen in the reactor,
we suggest to use a sparger made of six diffusers instead of three. This could increase the
mass transfer and the production of cellulase. Such design and other variations can be tested
using the model and the better configurations could be applied to the experimental setup.
T h e presented mathematical model can be used to study the influence of the shear stress
and mass transfer when the mechanical agitation is used to define the best type of impeller
and the optimal angular velocity. A good balance between mass transfer and shear stress
distributions is needed in several biological processes such as fermentation, and this type of
models could greatly help. These suggestions may be seen as a framework t h a t will have to
be further developed and validated. Further development of the model should include more
realistic rheological behaviour, and eventually consider the system as three phases.
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Nomenclature
Symbols

cd

coefficient drag

a

volume fraction

9
k

acceleration due to gravity, ms~2
turbulent kinetic energy, m2s~2

P

pressure,

U'slip

bubble slip velocity, ms~l

u
u bi

velocity,

a

interfacial area, mT1

a{v,v )

break frecjuency, s _ 1

f

fraction, dimensionless

Pc

coalescence efficiency, dimensionless

Re
yfc

Reynolds number
mass fraction for species i in phase k

Yx

mass fraction of biomass

YC/x

yield coefficient for cellulose gg^1

YL/X

yield coefficient for lactose gg~l

Yo/x
kta

yield coefficient for oxygen gg~l

Bic

bird of bubbles with diameter i as result of coalescence, m~3s~1

Ac

death of bubbles with diameter i as result of coalescence, m~3s~1

Bin

bird of bubbles with diameter i as result of breakup, m~3s~1

AB

death of bubbles with diameter i as result of breakup, m~3s~1

d32

Sauter mean diameter, m

i

Nm~2
ms~l

bubble velocity, ms~l

mass transfer coefficient, s _ 1
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Greek Symbols
oti

volume fraction

r

shear stress, kgm~ls~2

e

turbulent dissipation energy, m2s~3

fi

viscosity,

p

density, kgm~3

a

surface tension, Nm~l

kgmT1s~l

Subscripts
eff

effective

g

gas phase

i

phase number, axis index

/

liquid phase

Lac

lactose

Cose

cellulose

Case

cellulase

198

Bibliography
[1| Ahamed A, Vermette P. 2008. Culture-based strategies to enhance cellulase enzyme production from Trichoderma reesei RUT-C30 in bioreactor culture conditions. Biochem
Eng J 40(3):399-407.
|2| Ahamed A, Vermette P. 2009. Effect of culture medium composition on Trichoderma
reesei morphology and cellulase production. Bioresour Technol 100(23):5979-5987.
[3] Ahamed A, Vermette P. 2009. A draft-tube airlift bioreactor increases cellulase production by Trichoderma reesei RUT-C30. submitted to Biochem Eng J.
[4] Allen DG, Robinson CW. 1990. Measurement of rheological properties of filamentous
fernientatio.n broths. Chem Eng Sci 45(l):37-48.
[5] Amanullah A, Christensen LH, Hansen K, Nienow AW, Thomas CR. 2002. Dependence
of morphology on agitation intensity in fed-batch cultures of Aspergillus oryzae and its
implications for recombinant protein production. Biotechnol Bioeng 77(7):815-826.
|6| Bannari R, Kerdouss F, Selma B, Bannari A, Proulx P. 2008. Three-dimensional mathematical modeling of dispersed two-phase flow using class method of population balance
in bubble columns. Comput Chem Eng 32(12):3224-3237.

199

[7] Bannari R, Bannari A, Selma B, Proulx P. (Submitted). Mass transfer and shear in an airlift bioreactor: using a mathematical model to improve reactor design and performance.
Chem Eng Sci CES-D-09-00474.
|8| Bel F'Dhila R, Simonin O. 1992. Eulerian prediction of a turbulent bubbly How
down-stream a sudden pipe expansion. In Sixth workshop on two-phase flow predictions:Erlangen.
|9| Berzins A, Tonia M, R.ikmanis M, Vicsturs U. 2001. Influence of micromixing on microorganisms and products. Acta Biotechnol 21(2):155-170.
[10] Bird RB, Stewart WE, Lightfoot EN. 1960. Transport Phenomena (Chapters 16 and
18). John Wiley and Sons, Inc.
|1I| Boussinesq J. 1878. Theorie de l'ecouleinent tourbillant. Memoires Presenters par Divers
Savants. Paris:23-46.
[12] Cui YQ, Van der Lans RGJM, Luyben KChAM. 1997. Effects of agitation intensities
on fungal morphology of submerged fermentation. Biotechnol Bioeng 55(4):715-726.
|13| Cui YQ, Van der Lans RGJM, Luyben KChAM. 1998. Effects of dissolved oxygen tension and mechanical forces on fungal morphology in submerged fermentation. Biotechnol
Bioeng 57(4):409-419.
[14] Cui YQ, Okkerse WJ, Van der Lans RGJM, Luyben KChAM. 1998. Modeling and
measurements of fungal growth and morphology in .submerged fermentations. Biotechnol
Bioeng 60(2) :216-229.
[15| Duff SJB, Murray WB. 1996. Bioconversion of forest products industry waste cellulosics
to fuel ethanol: a review. Bioresour Technol 55(l):l-33.
[16| Fevre M. 1977. Subcellular localization of glucanase and cellulase in saprolegnia monoica
pringsheim. J Gen Microbiol 103(l):287-295.

200

[17] Gosman AD, Issa RI, Lekakou C, Looney MK, Politis S. 1992. Multidimensional modelling of turbulent two-phase flows in stirred vessels. AIChE J 38(12): 1946-1956.
[18] Higbie R. 1935. T h e rate of absorption of a pure gas into a still liquid during short
periods of exposure. Trans Am Inst Chein Eng 31:365-389.
[19] Jasak H. 1996. Error analysis and estimation for the finite volume method with applications to fluid flows. P h . D Thesis. Imperial College of Science.
[20] Kelly S, Grimm LH, Hengstler J, Schultheis E, Krull R, Hempel DC. 2004. Agitation
effects on submerged growth and product formation of Aspergillus niger. Bioprocess
Biosyst Eng 2G(5):315-323.
|21.| Kemblowski Z, Kristiansen B. 1986. Rheometry of fermentation liquids. Biotechnol Bioeng 28(10):1474-1483.
[22] Kerdouss F, Bannari A, Proulx P, Bannari R, Skrga M, Labrecque Y. 2008. Two-phase
mass transfer coefficient prediction in stirred vessel with a C F D model. Cornput Cherri
Eng32(8):1943-1955.
[23] Lea D. 1996. Cellulose: Building insulation with high Recovered Content, low embodied
energy, green building materials: Gainesville, FL, USA.
|24| Makagiansar HY, Shamlou PA, Thomas CR, Lilly MD. 1993. The influence of mechanical forces on the morphology and production on Penicillin chrysogenum. Bioprocess Eng
9(2-3) :83-90.
[25] Marten MR, Velkovska S, Khan S, Ollis D F . 1996. Rheological, mass transfer and mixing
characterization of cellulase-producing Trichoderma reesei suspensions. Biotechnol Prog
12(5):602-11.

201

[26] Mauss P, Drouin JF^ Pons MN, Vivier H, Germain P, Louvel L, Vanhoutte B. 1997.
Location of respiration activity in filamentous bacteria by image analysis. Biotechnol
Tech 11(11):813-817.
|27| McDonald EJ, Turcotte AL. 1948. Density and refractive indices of lactose solutions. U.
S. Department of Commerce Research Paper RP1904 National Bureau of Standards:41.
|28] Metz B. 1976. From pulp to pellet: An engineering study on the morphology of moulds.
Ph.D. Thesis. Delft University of Technology (Netherlands).
[29] Metz B, Kossen NWF, van Suijdam JC. 1979. The rheology of mould suspensions. Adv
Biochem Eng 11:104-156.
[30] Mudde RF, Simonin O. (1999). Two and three-dimensional simulations of a bubble
plume using a two-fluid model. Chem Eng Sci 54(21):5061-5069.
[31] Muthuvelayudham R, Viruthagiri T. 2006. Fermentative production and kinetics of
cellulase protein on Trichoderma reesei using sugarcane bagasse and rice straw. Afr J
Biotech 5(20): 1873-1881.
|32| Muthuvelayudham R, Viruthagiri T. 2007. Optimization and modeling of cellulase protein from Trichoderma reesei Rut C30 using mixed substrate. Afr J Biotech 6 (l):41-46.
[33] Olsson L, Christensen TMIE, Hansen KP, Palmqvist EA. 2003. Influence of the carbon
source on production of cellulases, hemicellulases and pectinases by Trichoderma reesei
RUT C-30. Enzyme Microbiol Technol 33(5):612-619.
[34] Oolman T, Blanch H. 1986. Non-Newtonian fermentation systems. CRC Crit Rev
Biotechnol 4(2):133-184.
[35] Oosima H, Burns DS, Converse AO. 1990 Adsorption of cellulase from Trichoderma
reesei on cellulose and lignacious residue in wood pretreated by dilute sulfuric acid with
exlosive decompression. Biotechnol Bioeng 36(5):446-452.

202

[36] OpenFOAM 1.5, (2009). User's Manual to OpenFOAM.
http://foam.sourceforge.net/doc/Guides-a4/UserGuide.pdf
[37] Paul GC,'Priede MA, Thomas CR. 1999. Relationship between morphology and citric
acid production in submerged Aspergillus niger fermentations. Biochem Eng ,J 3(2): 121129.
|38| Rakshit SK, Sahai V. 1991. Optimal control strategy for the enhanced production of cellulase enzyme using the new mutant Trichoderma reesei E-12. Bioprocess Eng 6(3):101107.
|39| Reuss M, Debus D, Zoll G. 1982. Rheological properties of fermentation fluids. Chem
Eng 381:233-236.
[40] Riley GL, Tucker KG, Paul GC, Thomas CR. 2000. Effect of biomass concentration and
mycelial morphology on fermentation broth rheology. Biotechnol Biocng 68(2):160-172.
|41| Selma B, Bannari R, Proulx P. 2009. Simulation of bubbly flows: comparison between
direct quadrature method of moments (DQMOM) and method of classes (CM). Chem
Eng Sci CES-D-09-00340, in press.
[42] Serizawa A, Kataoka I. 1987. Phase distribution in two-phase flow. International conference on heat and mass transfer: Dubrovnik 179-224.
[43] Sinha J, Bae J T , Park JP, Kim KH, Song CH, Yun J W . 2001. Changes in morphology
of Paecilomyces japonica and their effect on broth rheology during production of exobiopolymers. Appl Microbiol Biotechnol 56(l-2):88-92.
[44] Stoodley P, Yang S, Lappin S H, Lewandowski Z. 2000. Relationship between mass
transfer coefficient and liquid flow velocity in heterogenous biofilms using microelectrodes
and confocal microscopy. Biotechnol Bioeng 56(6):681-688.

203

[45] Tholudur A, Ramirez WF, McMillan JD. 1999. Mathematical modeling and optimization of cellulase protein production using Trichoderma reesei R.L-P37. Biotechnol Bioeng
66(1):1-16.
|1(i| Trinei AP.J. 1970. Kinetics of the-growth of mycelial pellets of Aspergillus nidulans.
Arch Mikrobiol 73:353-367.
[47| Tzeng JW, Chen RC, Fan LS. 1993. Visualization of flow characteristics in a 2D bubble
column and three-phase fluidized bed. AIChE J 39(5):733-744.

|48| Velkovska S, Marten MR, Ollis DF. 1997. Kinetic model for batch cellulase production
by Trichoderma reesei RUT C30. J of Biotechnol 54(2):83-94.
[49] Wang T, Wang J. 2007. Numerical simulations of gas-liquid mass transfer in bubble
columns with a CFD-PBM coupled model. Chem Eng Sci 62(24):7107-7118.
|50| Weller IIG, Tabor G, Jasak H, Fureby C. 1998. A tensorial approach to computational
continum mechanics using object-oriented techniques. Comput in physics 12(6):620-631.
[51] Yao BP, Zheng C, Gasche HE, Hofmann H. 1991. Bubble behaviour and flow structure
of bubble columns. Chem Eng Processes 29(2):65-75.

204

Table 6.1: Composition_of production^ and growth media
Medium production

g/'2QL

Growth Medium

GlllCOSe

None

Clueose

10

Cellulose

1000

Cellulose

50

Yeast Extract;

200

Yeast Extract

10

g/lL

(NH4)2S04

132.0

(NH,)2SO,

6.6

KII2PO4

74.0

KH2PO4

3.7

CaCl2:2H20

16

CaCl2.2H20

0.8

MgSOA.lH20

12

MgSOi.HhO

0.6

Tween 80 fmL)

20

Tween-80 (mL)

None

Distilled Water (ml,)

20000

Distilled Water (ml,)

1000

Aiitifoam (rriL)

100.0

Aiitifoam (mL)

1.0
-

Feed after 48 hours

g/lOL

-

Lactose (15%)

4500

-

Lactobionic acid (0.1%)

30.0
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Table 6.2: Simulation parameters
Parameter

Unit

Value

References

[

0.1008

Measured parameter

gL-1

0.0081

Measured parameter

0.0001

[14]

0.0194

[451

0.01

[14]

0.0525

[451

h-

0.0025

1-151

Yc/x

99'i

0.35

|2()|

YL/X

gg,""1

0.4106

|45|

h

P-raax
s-i*

°o 2
Ko2

gL-'
1

KL

gL

Kc

9L-1'

a
1

l

2.77

[14]

PLac

kg m~

i

1590

[27]

PCose

kg TO"'3

1500

[23]

PCa.ie

kg

'TO - ' 3

1200

[16]

Yo'/x

gg~
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coalescence efficiency

Ct = 0(di,dj)Pc

coalescence efficiency

cu = eu(di,dj)pu

coalescence efficiency

Cw = ev,(di,dj)Pw

Bubble breakup due to turbulent eddies

collision rate

due to wake entrainment

coalescence rate

collision rate

due to different bubble rise velocities

coalescence rate

collision rate

due to turbulent eddies

coalescence rate

Models

=

1/2

^^(df

Pu(di,dj) = 0.5

f a 9 , m a x ( o g,maa:

+ df) 1/2

[0.75(1+^)(1+^ 7 )] 1 / - „ 1/2
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Figure 6.1: Computational domain and the views for numerical results (a is the plan with
x = 0 m and b is the plan for y — —0.02 m).
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Figure 6.3: Liquid velocity (m/s) vector for different times of Trichoderrna reesei RUT-C30
cultures.
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) in liquid phase for different times.

Chapter 7

Conclusion / Conclusion and
recommendations
7.1

Conclusion

La production de cellulase depend de la morphologie des microorganismes. Cette derniere est
influencee par plusieurs facteurs tels que la nature et le type du milieu de croissance, le transfert de masse, le pM, la temperature, la geometric du fermeuteur, les systernes d'agitation, la
rheologie et les modes de culture [1]. L'interaction entre les differentes variables reste difficile
a decrire dans le processus de la fermentation fongique.
Un bioreacteur airlift a ete utilise pour produire la cellulase en utilisant le champignon
Trichoderma reesei RUT-C30 [3]. Ahamed et Vermette [3] ont propose une geometrie de
bioreacteur airlift en utilisant des diffuseurs. Dans ce travail un modele mathematique a
ete utilise pour etudier les proprietes de l'ecoulement. II a ete confirme que Putilisation des
diffuseurs mene a une augmentation du taux de transfert de masse localement et globalement
avec une diminution du taux de cisaillement.
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Dans cette these, un couplage entre un modele decrivant l'ecoulement et un modele mathematique representant la cinetique pour produire la cellulase en utilisant Trichoderma reesei
a ete presente. Ce modele cinetique inclut l'impact du transfert de masse et les concentrations des sources de carbone sur la croissance. Elle comprend egalement rinrlucnce du
taux de cisaillement qui peut endommager les cellules ou diminuer le taux de croissance
specifique des microorganismes. Le modele entierement couple a ete valide avec des donnees
experimentales disponibles. II peut etre vu coimne un outil pour ameliorer la productivite
d'cnzymes et de comprendre l'influcncc sur les morphologies du Trichoderm,a reesei.
Le premier defi de la presente these etait de developper un modele mathematique a partir
de la technique de la dynamique des fluides (CFD) pour etudier la dispersion d'un gaz dans
un liquide dans une colonne a bulle/airlift. Le deuxieme defi etait la raise en oeuvre d'une
serie de modeles permettant de mieux predire l'hydrodynamique du reacteur. Le modele
des bilans de population (PBM) a ete utilise pour decrire la dynamique de coalescence et de
fragmentation des bulles dans le temps et dans l'espace, et donner une variation spatiale des
tailles des bulles dans les reacteurs.
La technique de changement de repere a ete utilisee par l'introduction du model MRF
pour decrire le mouvement de l'agitateur. Toutes les equations differentielles resultantes
de l'elaboration du modele out ete resolues par la methode des volumes finis en utilisant le
code ouvert OpenFOAM. Le developpement d'un modele mathematique pour la production
de cellulase represente egalement l'objectif de la these dans son ensemble.
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7.2

Conclusion

Cellulase production depends on the morphologies of microorganisms which can differ in
structure at different times in their life cycle, in form between surface and submerged growth
and also with the nature of the growth medium and physical environment. Any particular
morphological forms will be influenced by a large number of factors such as mass transfer,
pll, temperature, shape and geometry of fermenter, agitation systems, rheology and the
culture modes [1].' It is a very difficult task to deduce general relationships between process
variables, product formation and fungal morphology since many parameters influence these
interrelationships and the role of many of them is still not well understood.
A basic airlift bioreactor has been used to produce cellulase enzyme using the fungus Tricho^
derma reesei RUT-C30 [3]. The mathematical model was used to validate the mass transfer
with low shear stress when the diffusing stones are used as the sparger within the airlift
reactor.
The model was further coupled with a kinetic model which can represent the biological
reaction for cellulase production from Trichoderma reesei. This model includes the impact
of dissolved oxygen and the carbon source substrate on the growth. It includes also the shear
influence which can deactivate cells or decrease the specific growth rate of microorganisms,
and the influence of the increase of culture age. The fully coupled model was validated with
available experimental data. It can be viewed as a tool to improve the enzyme productivity
and to understand the influence on the morphologies of Trichoderma reesei.
The first challenge of the present thesis is to develop a mathematical model using Computational Fluid Dynamics (CFD) techniques to study the gas-liquid dispersion in an airlift/bubble column reactors. The second challenge is the implementation of a series of models
to better predict the hydrodynamics of the reactor. The population balance model (PBM)
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was used to describe the dynamics of the time and space variation of bubble sizes in the
reactors. The PBM equation was solved using an approximate method known as the Class
Method (CM) where the continuous distribution of bubble sizes is approximated through
a discrete number of size 'bins', with exchange between the different bins according to the
different bubble growth and break-up phenomena. The Multiple Rotating Frame (MRF)
technique was implemented to describe the movement of the impeller in the stationary reactor. All the differential equations resulting from the model development were solved using
control volume formulation through the use of an open-source CFD package named OpenFOAM. The development of a mathematical model for the cellulase production processes
represents the third and final challenge of the thesis; it also represents the goal of the thesis
as a whole.
Along the way, many mathematical modelling problems arose from the strong coupling between the different models. The different physicochemical phenomena such as turbulence,
multiphase flow, the coalescence and the break-up of bubbles and enzymatic reaction demanded the use of several mathematical and numerical 'tricks'. In the end, the coupling of
all these phenomena was successful, largely because of the fact that the tool used to solve the
equations, the OpenFOAM libraries, were extremely flexible and allowed us to implement
Taylor-made solutions!
The theoretical predictions of the model appear in very good agreement with the available
experimental results. The proposed models show the potential of such approaches in the
design and optimization of bioreactors and can now be applied to different reactors.

It

can help to make a study of the influence of the shear stress and mass transfer when the
mechanical agitation is used to define the best type of impeller and the optimal angular
velocity. A good balance between mass transfer and shear stress distributions is needed in
several biological processes such as fermentation.
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7.3

Recommendations

Many researchers have studied the rheological behaviour of fungal suspensions under steady
shear conditions [4,8]. The behaviour of fungal cell suspensions is invariably pseudoplastic
or shear thinning. Marten et al. [7] have examined three models: the power law, the Casson
and Herschel-Bulkley model to explain this behaviour. They showed that the Casson model
and the Herschel-Bulkley model represented T. rcesei broth steady shear behavior better
than the power-law model. The multiphase flow can be represented as three phases (see Fig.
7.1). The mycelium can be represented as a viscoelastic phase with the dispersed phase (air)
and liquid phase. However the mycelium undergoes a complex phenomena, in which they
tend to grow in the medium. The mycelia could be represented like an ensemble of hyphae.
Using the ideas developped in this thesis, we could use a finite number of classes to know
the spatial distribution of the hypha classes. Each class would be defined with the volume
of hypha and the number of tips per hypha. The volumetric cellulase productivity can be
correlated with the total mycelia and the number of hyphae tips as shown by Ahamed and
Vermette [2].
This would enable us to predict a volumetric enzyme productivity. This method is similar to
the CM method of population balance presented in the Chapter 3, Chapter 4 and Chapter
5, which predict the bubble size distribution.
The growth of hypha would be done based on a volume of hypha and/or number of tips by
hypha. The population of hyphae equation (PHE) for the ith hyphae class would be written
for constant density as:

TT. (pun\) + V • [puUun\) = pu (Gi-i^i - GiMi+i)
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(7.1)
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o
o
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Ce'sluiase (Ce)
Biomasse {X)

Figure 7.1: Species and phases which can be used in the new methodology
where rn is the number of hypha group i per unit volume, Gi-i^i and Gj^i+i arc the rate
of growth of hyphae from the class i — 1 to the class i and from the class i to the class i+1.
The rate of hypha growth would be calculated using a Monod growth kinetics presented in
the last chapter. The hypha number density, n;, is related to its mycelium volume fraction
by:
riiVi = ot\

(7.2)

The sum of the hypha group volume fractions equals the volume fraction of the mycelium
phase:

J2<*i

aM
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(7.3)
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